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NOTATION AND DEFINITION OF TERMS 
Aqueous product. The aqueous stream leaving the stripping 
unitJ containing hafnium-free zirconium. 
Extract. The organic stream leaving the extraction unit, 
containing hafnium-free zirconium. 
Extraction unit. The equipment^ consisting of both the 
extraction and scrulD sections, in which the separation 
of hafnium and zirconium occurs. 
Extraction section. The stages in which the aqueous 
volume consists of the scrub and feed volumes. The 
organic solvent enters the extraction section and the 
raffinate stream leaves the extraction section. 
Peed. An aqueous solution of hafnium and zirconium nitrates, 
normally in the ratio Hf x lOO/Zr =2.5. Total acidity 
was 7.00 N. 
Reaction product. The reaction product of zircon sand and 
molten caustic soda. The washed reaction product is 
the product after water leaching, probably a hydrated 
zirconium oxide. 
Nitric acid concentration. The result of the following 
analyses of the solution: 
total acidity - 2(molarity of hafnium and zirconium). 
Oxide concentration. Concentration of hafnium and zirconium 
oxides, weight per unit volume. This value was the 
normal method of reporting zirconium and hafnium 
compound concentrations though sulfates or nitrates 
were usually the materials present in solution. 
Q. Volume rate of flow per unit time. 
Raffinate. The aqueous stream leaving the extraction 
section, containing a high ratio of hafnium to 
zirconium. 
Scrub. An aqueous solution of nitric acid, normally 5.00 N, 
introduced to the extraction apparatus to remove the 
small amount of hafnium in the organic solvent. 
vii 
Scrub section. The stages of the extraction unit in which 
the aqueous volume consists of the scrub volume and in 
which the organic phase contains oxide with low 
hafnium-zirconium ratios. The extract leaves the scrub 
section. 
Separation factor. An index of purification, equal to: 
(Hf X 100/zr)j^jj_ 
(Hf X 100/Zr)p^g_ 
Solvent. A mixture of tributyl phosphate and commercial 
heptane, normally 60 volume per cent tributyl phosphate. 
Strip. A sulfuric acid solution, usually 6.00 N, introduced 
into the stripping unit to remove the purified 
zirconium from the extract. 
Stripping unit. An extraction apparatus used to remove the 
hafnium-free zirconium from the extract phase into 
water. 
TBP. Tributyl phosphate. 
Total acidity. The total amount of standard base required 
to neutralize the free acid and to precipitate the 
hafnium and zirconium in solution. Phenolphthalein 
indicator was used. The total acidity was reported 
as normality of the solution tested. 
Subscripts: 
A. Aqueous phase 
E. Extract 
P. Peed 
R. Raffinate 
S. Scrub 
T. Organic solvent 
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SUiyiMARY 
Zirconium has been used as a structural material in 
nuclear reactors because of its corrosion resistance, high-
temperature strength, and low neutron absorption. Before 
zirconium can be utilized, however, the hafnium invariably 
accompanying it must be removed, since hafnium has a 
prohibitively high neutron absorption cross-section. 
A process was developed for the production of hafnium-
free zirconium by extraction of a zirconium nitrate solution 
with tributyl phosphate solvent. The hafnium content was 
reduced from about 2.5 per cent to less than 100 parts per 
million. Particular emphasis was placed upon the following 
portions of the process; (a) selection of the most economical 
method of preparing zirconium nitrate feed, (b) demonstration 
of the use of a production type extraction unit, (c) removal 
of hafnium-free zirconium from the solvent and regeneration 
of the solvent, (d) recovery of nitric acid leaving the 
extraction apparatus, and (e) conversion of the solution 
of purified zirconium to compounds suitable for metal 
production. 
The preparation of zirconium nitrate feed solution was 
important to the extraction separation. Zircon sand was 
reacted with molten caustic soda and washed with water to 
remove soluble silicates and excess caustic. The best method 
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tested for conversion of the washed reaction product was 
dissolution in sulfuric acid, leaving a residue of unreacted 
sands and silica. The filtered zirconium sulfate solution 
was converted to zirconium nitrate by precipitation of 
zirconium hydroxide and dissolution of the dried and washed 
hydroxide in nitric acid. 
Hafnium-free zirconium was produced from the zirconium 
nitrate solution by solvent extraction with tributyl phosphate 
diluted with 40 volume per cent heptane. The tributyl phos­
phate preferentially extracted the zirconium, leaving the 
hafnium and a majority of the minor impurities in the aqueous 
phase. A l4-stage mixer-settler extractor produced a zirco­
nium extract of less than 100 parts per million of hafnium 
and a raffinate of about 65 per cent hafnium. Zirconium was 
stripped from the tributyl phosphate with a sulfuric acid 
solution in a second extractor. The solvent was recycled 
to the extraction unit with periodic regeneration to restore 
extraction and settling characteristics. The nitric acid 
used in the extraction was recovered by evaporation of the 
aqueous streams leaving the extraction and stripping units. 
Zirconium sulfate was the residue from the evaporation. 
The zirconium sulfate was converted to compounds 
suitable for reduction to metal. Zirconium oxide was made 
by precipitation of hydroxide from the sulfate solution and 
ignition of the filtered hydroxide to the oxide. This 
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zirconium oxide could be converted to the tetrachloride 
and reduced with magnesium by the Kroll process. Or, 
zirconium tetrafluoride could be produced by reaction of the 
solid sulfate with aqueous hydrofluoric acidj and then 
reduced to the metal with calcium. 
Preliminary cost estimates were made for production 
of hafnium-free zirconium compounds from zircon sand. The 
basis chosen was a plant producing 300,000 pounds of zirconium 
per year. Estimated chemical and total operating costs for 
zirconium tetrafluoride were $0.90 and $2.02 per pound of 
zirconium. Chemical and total operating costs estimated for 
zirconium oxide were $0.6^ and $1.8l per pound of zirconium. 
In comparison, the estimates of chemical and total operating 
costs for zirconium oxide produced by the competing thio-
cyanate extraction process were $1.3^ and $3.15 per pound 
of zirconium for a plant having one-half the annual capacity 
assumed in tributyl phosphate extraction. 
Although the investigation was directed toward produc­
tion of hafnium-free zirconium, much of the information 
obtained was applicable to manufacture of zirconium compounds 
without hafnium removal. Considerably wider use of zirconium 
would be possible should the cost of reduction to the metal 
be decreased. 
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INTRODUCTION 
Zirconium has been used in nuclear reactors as a 
structural material. The corrosion resistance, high-
temperature strength, and favorable nuclear properties 
of zirconium have made it attractive as a material for 
nuclear reactors. 
Zirconium as it occurs in nature is invariably accompanied 
by about 2.5 weight per cent of chemically-similar hafnium. 
Unfortunately, hafnium has a prohibitively high neutron ab­
sorption cross-section and must be removed from zirconium 
prior to its use in nuclear reactors. Because of the close 
similarity in the chemical properties of the two elements, 
the separation has been necessarily accomplished by a variety 
of physical separation techniques. These procedures, involv­
ing such operations as distillation, adsorption, and extrac­
tion have been reviewed by several authors (5,9,13). 
The most important of the previously developed methods 
for zirconium purification is an extraction process devised 
at Oak Ridge (7). Zirconium tetrachloride was dissolved in 
water, and a quantity of ammonium thiocyanate was added to 
make a feed solution. This feed solution was extracted with 
a methyl isobutyl ketone solvent containing thiocyanic acid. 
The solvent preferentially extracted the hafnium,.leaving 
the zirconium and minor impurities in the aqueous phase. 
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The zirconium was precipitated with ammonium phthalate, 
which did not precipitate the minor impurities. The 
ammonium phthalate was recovered from the zirconium precipi­
tate by a metathesis reaction with ammonium hydroxide. The 
zirconium hydroxide was then ignited to the oxide. This is 
the only process that has attained commercial scale operation 
It was discovered that separation of hafnium from zir­
conium by means of tributyl phosphate extraction had possi­
bilities of successfully competing with the Oak Ridge process 
As originally conceived (12), this process involved extrac­
tion of a zirconyl chloride-nitric acid solution with 
tributyl phosphate. Calcium chloride was added to the feed 
solution to increase the mass transfer from the aqueous to 
the organic phase. It was found, however, that use of 
chloride prevented economical recovery of the large quantity 
of nitric acid necessary in the extraction. It was decided 
to convert the zirconyl chloride to zirconium nitrate. A 
preliminary cost analysis at this point showed that the 
cost for the Ames Laboratory process was roughly the same 
as that for the thiocyanate extraction process. 
A further development in the Ames Laboratory process 
was a new method for opening up the ore. Zirconium tetra­
chloride was no longer used as the starting material. It 
was found that zirconium nitrate could be produced from 
zircon sand by a more economical series of operations. The 
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zircon sand was reacted with molten caustic soda to yield 
an acid-soluble reaction product (2). The major constituents 
of this reaction product were probably sodium zirconate and 
sodium silicate. The soluble silicates were removed by wash­
ing with water, leaving a residue of hydrated zirconium 
oxide containing some insoluble silicates. The washed 
reaction product was converted to zirconium nitrate feed 
solution. 
The Ames Laboratory process is shown schematically in 
Figure 1. The zircon sands were heated with molten caustic 
soda to yield an acid-soluble reaction product. Zirconium 
nitrate feed solution was prepared from the washed reaction 
product by dissolution in nitric, hydrochloric, or sulfuric 
acids. If hydrochloric or sulfuric acids were used, 
zirconium nitrate was made by precipitation of zirconium 
hydroxide from the solution and conversion of the hydroxide 
to zirconium nitrate. The zirconium nitrate solution was 
used as feed material for the extraction separation. 
The extraction apparatus shown in Figure 1 performed 
the actual separation of hafnium from zirconium. The tributyl 
phosphate preferentially extracted the zirconium, leaving 
a hafnium concentrate in the aqueous phase. The effect of 
extraction variables was determined by Peterson (1,13). It 
was found that 14 extraction stages would produce an extract 
of zirconium containing less than 100 parts per million of 
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FIG. I SCHEMATIC FLOW DIAGRAM OF AMES LABORATORY PROCESS 
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hafnium. This purified 2irconiuni was removed from the 
tributyl phosphate solvent "by a second extraction with 
distilled water. The solvent was recycled with periodic 
regeneration to restore its original extraction and phase 
separation properties. The feed stream compositions were 
i-ixed by investigation of the effect of composition and flow 
ratios upon mass transfer and hafnium-zirconium separation. 
By this method it was decided to employ a feed solution 1,0 M 
in zirconium and 7.0 N total nitrate acidity. The aqueous 
scrub solution used for zirconium recovery below the feed 
stage was 5.0 N nitric acid, and the tributyl phosphate 
solvent was diluted with ^ 0 volume per cent heptane. 
Continuous extraction runs in a mixer-settler extractor showed 
that 1^ theoretical stages would produce zirconium of the 
desired purity with a raffinate containing 65 per cent haf­
nium. 
As shown In Figure 1, it was proposed to recover the 
nitric acid leaving the extraction apparatus in the aqueous 
1 
! product and raffinate streams. If evaporation were the 
I recovery method, zirconium and hafnium sulfates could be 
I produced. Zirconium sulfate would be processed to compounds 
I more suitable for reduction to metal. 
I Two alternative procedures are given in Figure 1 for 
j conversion of zirconium sulfate. If zirconium metal were 
I to be manufactured by the Kroll process, which reduces 
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zirconium tetrachloride with magnesium, then zirconium oxide 
could be made and then chlorinated. If zirconium metal were 
to "be produced by calcium reduction of the fluoride, zirconium 
tetrafluoride could be made by reaction with aqueous hydro­
fluoric acid. 
Peterson determined the overall flow sheet for the 
process and fixed the operating conditions for the extraction 
of hafnium from zirconium. Only preliminary studies were 
made on the preparation of feed solution for the extraction. 
No studies were conducted to determine optimum conditions 
for feed preparation, solvent stripping, solvent regeneration, 
nitric acid recovery, or final conversion of the purified 
zirconium sulfate. 
It was the object of this investigation to continue 
the work of Peterson by fixing conditions for those portions 
of the process uninvestigated. Where a choice of methods 
existed, the most economical procedure was determined. Based 
upon methods developed in laboratory and pilot plant studies, 
a cost estimate of chemical and operating charges was compiled. 
Not all the portions of the process were studied in 
this investigation. The starting material for separation 
was the washed reaction product made by West (l4). The work 
of Peterson had determined the extraction system variables, 
and no attempt to modify the stream compositions or range 
of flow rates was made. Particular emphasis and study was 
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placed on the following portions of the process: (a) 
selection of the most economical method of preparing 
zirconium nitrate feed, (h) demonstration of the use of a 
production-type extraction unit, (c) removal of hafnium-
free zirconium from the solvent and regeneration of the 
solvent, (d) recovery of nitric acid leaving the extraction 
and stripping apparatus, and (e) conversion of purified 
zirconium to a compound suitable for metal production. 
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INVESTIGATION 
It was the objective of this investigation to develop 
a process for the production of zirconium containing less 
than 100 parts per million of hafnium starting with a 
material containing about 2.5 per cent hafnium. The source 
material for zirconium was the washed reaction product of 
zircon sand and molten caustic soda. In order to meet 
requirements of proposed metal reduction schemes the final 
zirconium product was either the oxide or the fluoride. 
The general form of process had been devised by Peterson (13) 
and is shown in Figure 1. It was necessary to develop 
methods for carrying out the individual steps in the process 
and to determine operating conditions and chemical and 
equipment requirements. 
As indicated by Figure 1, the process was divided into 
five major sections for the purpose of investigation. 
Conditions for the extraction step had been determined and 
fixed the requirements for feed preparation, solvent 
stripping and regeneration, nitric acid recovery, and final 
conversion of the purified zirconium. The extraction separa­
tion was the core of the process and could not be greatly 
modified without a complete change in the entire procedure. 
Therefore, investigation of the other sections of the process 
was in effect the determination of procedures and operating 
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conditions so that extraction separation requirements were 
met at minimum cost. 
Preparation of Zirconium Nitrate Feed Solution 
The source material for zirconium, the washed reaction 
product of zircon sand and caustic soda, was converted to 
a zirconium nitrate solution for feed material to the 
extraction separation. In order that separation he 
economically possible with tributyl phosphate, nitrate 
ion must be present in the feed in large quantity. Presence 
of sulfate or other anions caused a decrease in separation. 
Since it was also economically necessary to recover the 
nitric acid used, presence of anions in the feed solution 
other than nitrate was avoided as much as possible in order 
to allow simple recovery schemes. 
Characteristics of the reaction product 
The zirconium in the reaction product of zircon sand 
and sodium hydroxide was probably in the form of sodium 
zirconate, Na2Zr02. The preparation of the source material 
for this investigation was carried out by West (1^). This 
reaction product contained, in addition to sodium zirconate, 
quantities of sodium silicates, other insoluble silicates, 
unreacted zircon sand, and excess sodium hydroxide. A wash 
with cold water removed the soluble silicates and excess 
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caustic and prolDably converted a large portion of the sodium 
zirconate to a hydrated zirconium oxide. Table 1 shows 
analyses of washed reaction products. 
Table 1 
Analyses of Typical Washed Reaction Products 
Compound 
Washed Reaction Product Composition, 
Washed 2 gal./l"t>. Washed 4 gal./lb 
ZrOg 62 A  67.2  
Na20 11.3 9.66 
SiOg 5.26 5.13 
Unreacted sands 12.5 10.1 
The summation of the analyses in Table 1 does not 
total 100 per cent since the data were reported as the oxide 
while the materials were not in the oxide form. The 
majority of the zirconium appeared to be present as a 
hydrated oxide; the sodium and silica could have been 
present as a double salt of zirconium. The difference in 
the quantity of unreacted sands reflected the variation in 
reaction product compositions and the error of the analytical 
method. 
In order to prepare the washed reaction product for 
extraction the zirconium present must be converted to the 
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nitrate. In addition the silicon content must be reduced 
to less than 1500 parts per million. A great deal of 
difficulty was encountered in preparing a feed solution that 
would not produce emulsions even in certain instances when 
the silicon content was quite low (less than 5OO parts per 
million). Thus removal of silicon, while essential, was 
not the only condition necessary for preparation of zirconium 
nitrate suitable for extraction feed. 
Acid dissolution of the reaction product 
The washed reaction product could be dissolved in nitric, 
hydrochloric, or sulf\iric acids, but in order to obtain eco­
nomical separation of hafnium and zirconium the final feed 
solution must be zirconium nitrate. Each method of dissolu­
tion and conversion to zirconium nitrate was tested in some 
detail and compared with the other procedures. The ultimate 
criterion for a suitable zirconium nitrate feed solution 
was a product that would not form an emulsion when extracted 
with the tributyl phosphate solvent. High silicon content 
was probiably one cause of emulsification, but other unknown 
factors were present. In general, acid dissolution left a 
residue of unreacted sands and silica hydrates. It was 
necessary to filter these undissolved solids from the solu­
tion before further processing. 
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Dissolution of the reaction product in hydrochloric acid 
gave suitable feed solutions if the zirconium chlorides formed 
were recrystallized at least twice from a hydrochloric acid 
solution. The zirconyl chloride crystals obtained were then 
converted to the nitrate by precipitation of the hydroxide 
from the chloride solution, washing the chloride ion from 
the hydroxide, and solution of the washed hydroxide in 
nitric acid. However, this method was more costly than 
dissolution in either nitric or sulfuric acid and was there­
fore dropped. 
Dissolution of the reaction product in nitric acid was 
attractive because of the direct conversion to the desired 
zirconium nitrate. Peterson (12) conducted experiments upon 
this method and arrived at a procedure for the dissolution. 
The washed reaction product was heated with nitric acid in 
the ratio of 5.7 pounds of 68 per cent acid per pound 
of reaction product (0.84 pounds on ignited basis). The 
resulting slurry was evaporated to dryness in order to 
reduce the water of hydration of the silica and permit 
filtration. Great care was taken to remove all of the liquid 
that could be evaporated at The solid zirconium 
nitrate formed a very hard crust on the heat transfer 
surfaces, reducing the rate of evaporation to a very low 
value after about one-half the liquid had been removed. 
Scraping of the surface had little effect upon this crust. 
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The resulting dry solids were dissolved in 5 N nitric acid 
and the solution filtered to remove the unreacted sands and 
dehydrated silica residue. To produce one pound of zirconium 
as the nitrate approximately 3.25 pounds of reaction product 
and 2.0 pounds of nitric acid were required. The use of 
nitric acid dissolution gave feed solutions that were 
erratic in extraction behavior. No consistently suitable 
feed was prepared by this method. For this reason and 
because of the cost, dissolution in nitric acid was not 
chosen as the best method. 
Dissolution of the reaction product in sulfiaric acid 
was found to be the most desirable method tested. This 
conversion step is shown in Figure 2. Sulfuric acid was 
added to the washed reaction product in an agitated vessel 
and allowed to react for about 20 minutes, forming a paste 
of zirconium sulfate. At the end of the reaction period 
water was added to dissolve the zirconium sulfate, leaving 
a residue of unreacted sands and dehydrated silica. The 
zirconium sulfate was filtered upon a rotary drum filter to 
remove the solids and product a clear zirconium sulfate 
solution. 
The reaction product used in these experiments contained 
an amount of moisture in equilibrium with that in the air. 
Since varying moisture contents were encountered in the use 
of the reaction product, material requirements and quantities 
17 
2.135 LB FRIT_ 
(IGNITED BASIS) 
0.105 GAL 
WATER 
1_1 I -957o H2SO4, 4.42 LB 
REACTOR 
Ob 
•DISSOLUTION WATER 
1.28 GAL 
Zr(S0)4 SOLUTION + RESIDUE 
~ 100 GM Zr02/LITER 
WASH WATER 0.38 GAL 
^ Zr(S04)2 SOL'N 
1.0 LB Zr 
0.0742 LB-EQUIV 
TOTAL ACID 
t 
UNREACTED SANDS 
SILICA 
BASIS ~ I LB OF Zr AS Zr{S0/^)2 PRODUCT 
FIG.2-FL0W DIAGRAM FOR PRODUCTION OF ZIRCONIUM SULFATE 
ROTARY 
FILTER 
(PRECOAT) 
were expressed as the weight of reaction product remaining 
after ignition at 800°C. 
When 95 per cent sulfuric acid was added to the washed 
reaction product, a highly exothermic reaction ensued which 
caused violent boiling of the acid. The combination of 
the dehydrating action of the sulfuric acid with the high 
temperatures attained from the reaction caused sufficient 
removal of the water of hydration from the silica so that 
no evaporation of the solution was necessary, as was the 
case with nitric acid. The reaction produced a heavy 
paste of zirconium sulfate which was water soluble. This 
paste was allowed to stand for 20 minutes in order to 
complete the dehydration and then was dissolved in water. 
It was important to employ thorough agitation during the 
reaction to prevent the formation of unreacted lumps of 
material. The escaping vapors should be scrubbed to 
V 
I remove entrained sulfuric acid. Volume requirements for 
I the vessel were about 2.0 gallons per pound of zirconium 
1 produced. 
j The amount of sulfuric acid required for the reaction 
I was studied in a series of tests reported in Table 2. A' 
! 
] constant quantity of washed reaction product was used with 
i 
I varying amounts of 66® Be sulfuric acid. In each case 
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I sufficient water of dilution was added to give a smooth, 
I 
! workable paste of zirconium sulfate. The paste was 
Table 2 
Effect of Amount of Sulfuric Acid upon Conversion of Washed 
Reaction Product to Zirconium Sulfate 
Basis: 250 grams of moisture-free reaction product (300 grams air-dried) 
95^ HgSOii.- Temperature Dilution Soluble _ , I A -IH 
Reaction Product Initial Maximum V/ater Zr Sl/ZrOo 
Weight Ratio »C °C ml. gm. gm.-equiv. ^ 
2.39 25 175 50 ll4 10.$0 1350 
2.21 25 m 75 118 9.75 750 
1.98 25 155 100 117 8.68 1000 
1.84 25 139 125 118 8.20 950 
1.69 25 133 150 115.5 7.38 780 
1.54 25 126 200 117.5 7.08 1300 
1.43 25 123 200 120 6.32 1000 
1.43 117 134 200 120 6.41 1050 
1.21 25 121 200 121 5.28 185O 
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dissolved in water and analyses made of this solution. 
The amount of zirconium produced, the solution acidity, 
and the amount of silica present in the zirconium precipitate 
were measured. It should be noted that zirconium determina­
tions were made as the oxide, and all concentrations of 
zirconium are reported in this investigation as grams of 
zirconium oxide per liter even though sulfate or nitrate was 
the compound actually present. 
Table 2 shows a slight decrease in the amount of soluble 
zirconium as the relative amount of acid was increased. 
Possibly this effect was caused by partial conversion of the 
zirconium sulfate to the oxide by the higher temperatures. 
Heating sulfuric acid before addition did not increase 
yields. Since the amount of ammonia required to neutralize 
the acid decreased with the acid-reaction product ratio, 
it would be desirable to use as low a ratio as possible. 
Within the limits of experimental error, no significant 
trend in the amount of silicon present was evident. However, 
an extraction test made with feed solution from an acid-
reaction product weight ratio of 1.43 showed that this feed 
tended to form emulsions. It was therefore decided to employ 
the higher acid-reaction product ratio of 1.98. Use of 
this ratio consistently gave feed solutions having little 
or no propensity toward emulsification during extraction. 
Greater ammonia requirements and lowered zirconium yields 
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with the higher ratio increased the approximate chemical 
cost by $0,035. 
The sulfuric acid and reaction product mass was allowed 
to stand for 20 minutes to complete the dehydration and then 
dissolved in 0.50 gallons of water per pound of washed 
reaction product used, producing a solution containing 
about 100 grams per liter of zirconium oxide. The solid 
residue, consisting of unreacted sands and silica, was best 
removed on a rotary drum filter using a precoat of AnthraAid 
No. 13, a carbonaceous filter aid. Operation of a continuous 
filter was simulated with a filter leaf of 0.1 square feet 
area. The filter studies showed that a cycle time of two 
minutes was satisfactory with Saran filter cloth and 12 
inches of Hg vacuum. The cycle was divided into the follow­
ing sequence: ^5 seconds cake formation, 20 seconds drying, 
20 seconds washing, 25 seconds drying, and 10 seconds cake 
discharge and drum re-entry. The wash water requirements 
were about 0.15 gallons per pound of reaction product used. 
I Small filter leaf tests gave a raw filtration rate of 6.6 
1 I gallons per square foot per hour or 4.06 pounds of zirconium 
! I per square foot per hour. A safety factor of 0.6 reduced 
1 this value to 2.46 pounds per square foot per hour. Approxi-
I mately 0.2 pounds of filter aid were required per pound of 
1 zirconium produced. 
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The recommended reaction and filtration conditions 
are shown as material balances in Figure 2. The quantities 
of acid and reaction product used were based upon data from 
Table 2 for an acid-reaction product ratio of I.98. 
Sulfuric acid dissolution had two major advantages over 
the somewhat simpler nitric acid dissolution. In nitric 
acid dissolution the amount of soluble zirconium obtained 
per pound of reaction product was much lower than for the 
sulfuric acid reaction. Losses of nitric acid were high. 
Based upon a cost of $0,15 per pound of reaction product (14), 
the chemical cost for sulfuric acid dissolution was approxi­
mately $0.25 less per pound of zirconium than for nitric acid 
dissolution, A more important reason for the choice OF 
sulfuric dissolution was the quality of feed solution 
produced by the two methods. Zirconium nitrate produced by 
'citric acid dissolution often gave stable emulsions during 
extraction. 
Conversion of zirconium sulfate to hydroxide 
Zirconium sulfate was converted to zirconium nitrate 
feed solution for the extraction separation of hafnium and 
zirconium. Since the presence of sulfate ion in the feed 
solution decreased the separation of hafnium from zirconium, 
it was desired to produce a zirconium nitrate solution as 
free as possible of sulfate ion. It was therefore necessary 
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to precipitate the zirconium from sulfate solution and wash 
the sulfate ion from the precipitate. The zirconium was then 
dissolved in nitric acid to make feed solution. 
The first step in converting zirconium sulfate to 
nitrate was the production of sulfate-free zirconium hydroxide. 
In Figure 3 is shown the flow sheet for this conversion. 
Zirconium sulfate solution prepared from the reaction product 
loy dissolution in sulfuric acid was diluted, and zirconium 
hydroxide was precipitated by the addition of aqueous 
ammonia. A portion of the supernatant liquid was decanted 
and the remainder filtered to yield a gelatinous zirconium 
hydroxide cake. The hydroxide cake was dried to give a 
granular material easily washed. Sulfate ion was washed from 
the dried cake, leaving a zirconium hydroxide containing some 
insoluble sulfates. The zirconium hydroxide could then be 
dissolved in nitric acid to give a feed solution containing 
a small quantity of sulfate that would not affect extraction 
to an unreasonably large degree, 
i 
j The zirconium hydroxide was obtained from zirconium 
j sulfate solution by precipitation with 28 per cent ammonia. 
I The solids formed were very gelatinous and difficult to handle. 
1 
I Since the sulfate ion must be washed from the hydroxide, 
i efforts were directed toward producing a more compact precipi­
tate. A study of precipitation conditions, including 
digestion, homogeneous precipitation, and rate of ammonium 
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FIG. 3-CONVERSION OF ZIRCONIUM SULFATE TO HYDROXIDE 
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Hydroxide addition showed that the physical characteristics 
of the precipitate were little affected by a wide range in 
these conditions. The best method found was precipitation 
at room temperature by the addition of ammonium hydroxide 
to the diluted zirconium sulfate solution with very gentle 
agitation. The ammonium hydroxide was added until the 
solution pH was 8.0, requiring 1.26 pounds of ammonia per 
pound of zirconium. 
I Washing of the gelatinous precipitate formed was a very 
I i^sffective procedure, Decantation of the wash water required 
impractical quantities of water because of the great amount 
of liquid retained by the hydroxide. Moreover, settling grew 
progressively poorer as washing continued. Washing of the 
cake on the filter drum was not efficient enough to remove 
more than about 50 per cent of the sulfate. Repulping of 
the cake was not possible because of the ease with which the 
particles broke up into an unfilterable slurry under agita­
tion. 
I It was found, however, that this gelatinous precipitate 
I  
1 could be dried after filtration to a material that would 
I Shatter into a granular, sand-like form. This shattered 
j material was quite easily washed since it retained only about 
I 
I 50 per cent of its weight of water. Only certain conditions 
I of precipitation would yield this granular material upon 
i 
I drying. The most important variable was the concentration 
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of zirconium sulfate in the solution to be precipitated. 
A series of precipitations followed by drying showed that 
it was necessary to reduce the concentration of zirconium 
sulfate to a value giving 10 grams of zirconium oxide per 
liter in the slurry. Higher concentrations of sulfate did 
not consistently give a granular product. One explanation 
might be that the higher concentrations produced a basic 
zirconium sulfate precipitate. Volume requirements under 
these conditions for precipitation were 17 gallons per 
pound of zirconium. 
Some decantation of the liquid was possible. If the 
slurry were allowed to settle for 45 minutes, approximately 
25 per cent of the liquid could be decanted. The precipita­
tion itself was almost instantaneous so that only two 
tanks would be necessary for the operation. One tank 
could be used to feed a filter while the second would be 
employed for precipitation and decantation. The minimum 
volume needed for each tank was that required to contain 
slurry enough to provide feed for the filter for about 75 
minutes. 
It was decided to employ a rotary drum filter for 
. concentration of the zirconium hydroxide precipitate. It 
1 
was desired to remove as much liquid as possible from the 
I 
! cake in order to reduce the amount of evaporation necessary 
5 
i in the subsequent drying step. For this reason no washing 
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of the cake was done on the filter. The characteristics of 
the hydroxide were such that cracks formed in the cake early 
in drying and prevented maintenance of vacuum for liquid 
removal. Filter leaf tests were made to determine equipment 
requirements for the filtration. The filter leaf tests 
employed a 0.1 square foot filter leaf used to simulate the 
action of a rotary drum filter. The cake was formed by 
dipping the leaf into the slurry while maintaining a vacuum. 
Drying was simulated by holding the leaf in air and applying 
a vacuum to the underside. The cake formation time was 
varied with the filter leaf, each time drying until a large 
number of cracks had formed in the cake. The filtration 
characteristics of the slurry varied widely between batches 
and somewhat less widely within the same batch. In Table 3 
are summarized the results of typical filter tests upon 
zirconium hydroxide slurries. 
The data in Table 3 show that the filtration rate and 
cake moisture were substantially independent of the cake 
formation time within the range reported. Values outside 
this range were investigated but found impractical. At 
times below 15 seconds the cake formed was too thin to 
discharge from the filter cloth. The solids were less than 
I 6 per cent of the cake weight for times above 35 seconds. 
{ 
I The variations of filtration rate and cake moisture from 
1 
1 15 to 35 seconds were less than the error of the determinations. 
Table 3 
Vacuum Filter Leaf Tests upon Typical Zirconium Hydroxide Slurries 
Slurry: 10 grams of zirconium oxide per liter, decantation of 25 per cent 
Vacuum: 28.5 inches of Kg 
Cake Formation 
sec. 
Time 
Drying 
sec. 
Total Cycle 
sec. 
Filtration 
Rate p 
lb. Zr/hr.-ft. 
Solids in Cake^ 
% 
15 105 135 0.922 7.68 
17.5 110 142 0.980 7.42 
20 115 150 0.955 6.98 
22.5 137 174 0.914 7.14 
25 143 183 0.920 6.93 
30 112 157 1.004 6.89 
35 128 178 0.935 6.35 
^Solids remaining after ignition at 800°C. 
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Choice of cake formation time within this range had little 
effect upon equipment requirements or subsequent drying 
conditions. 
For the basis of future calculations the cake formation 
time of 20.seconds was selected. The filtration rate of 
0.955 pounds per square foot per hour was multiplied by 
a safety factor of about 0.8, giving a value of 0.76 pounds 
of zirconium per hour per square foot. Actual operation of 
a small rotary drum filter indicated that this rate was 
conservatively estimated. No evidence of cloth blinding 
was detected after filtration of greater than 12 pounds of 
zirconium per square foot of filter cloth. 
Drying of the zirconium hydroxide was not investigated 
because of lack of suitable equipment for determination of 
drying rates and conditions. The dried hydroxide contained 
about one pound of water per pound of solids while the wet 
cake contained 13.5 pounds of water per pound of solids^ 
computed from a solids content of 6.98 per cent. Since the 
solids were about 60 per cent zirconium, drying requirements 
I 
were 21 pounds of water evaporated per pound of zirconium 
produced. 
I The dried zirconium hydroxide contained approximately 
i 0.72 pounds of sulfate per pound of zirconium. Since the 
I presence of sulfate ion in the feed solution decreased the 
i 
i separation of hafnium and zirconium, it was desirable to 
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reduce this SOi|./Zr weight ratio to as low a value as 
practical. Washing of the dried hydroxide with water was 
simple and easy to perform. Two cocurrent washing tests were 
carried out to determine the practical residual SOj^/Zr 
ratio and the extent to which the washing followed theoretical 
decantation calculations. 
The procedure used in making washing tests was designed 
to simulate actual commercial cocurrent washing conditions. 
The water was added to the solids, and the mixture was 
stirred for 5 minutes. After allowing the solids to settle 
for 30 minutes, the supernatant liquid was removed and the 
solids drained of all liquid that could be poured from the 
beaker. A sample of the solids was taken and analyzed for 
zirconium and sulfate. The analytical method for sulfate 
ion (Appendix A) gave results about 20 per cent in error 
of the actual amount of sulfate present. Therefore material 
balances with the sulfate in the supernatant liquid were 
about 20 per cent in error. 
Calculations for decantation showed that the results 
of the washing tests shown in Table k did not follow the 
theoretical predictions. It was found that the drained 
solids retained about ^5 psr cent of their weight in water, 
giving a moisture content of 31 per cent. The zirconium 
hydroxide, comprising the major portion of the inert solids, 
contained about 70 per cent zirconium. The SOi}./Zr weight 
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Table 4 
Removal of Sulfate from Dried Zirconium Hydroxide by 
Cocurrent Multiple Contact Water Washing 
lb. H20/lb. 
hydroxide/ 
contact 
Total lb. H20/lb 
hydroxide 
SOi^/Zr weight 
ratio in 
drained solids 
Zirconium Hydroxide Sample 1; 
0 0 1.35 
29 29 0.24 
29 58 0.20 
29 87 0.17 
29 116 0.17 
29 145 0.17 
Zirconium Hydroxide Sample 2: 
0.0 0.0 0.63 
1.22 1.22 0.38 
0.i^5 1.67 0.31 
0.48 2.15 0.24 
0.45 2.60 0.22 
0.45 3.05 0.20 
0.45 3.50 0.19 
0.45 3.95 0.18 
0.45 4.40 0.l8 
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ratio decreased rapidly but soon reached a nearly constant 
ratio of O.17-O.19. Subsequent washing would not 
appreciably reduce this value. Calculations were made using 
the moisture content of the drained solids and the amount 
of water to predict the sulfate content were the theoretical 
continuous countercurrent method applicable. It was found 
that the washing of the sulfate ion was not merely a 
dilution procedure, but that more water was required. 
Since^ however, the washing did not require more than about 
15 per cent water above that theoretically required, exact 
water requirements were left undetermined until determinations 
could be made on plant scale equipment. If countercurrent 
washing were employed, the amount of water would be roughly 
10 pounds per pound of dried hydroxide for three stage opera­
tion. An initial scheme for cocurrent decantation would be 
the use of four stages with a total of about 60 pounds of 
water per pound of dried hydroxide divided equally among 
the four stages. 
The recommended conditions for conversion of the 
sulfate to sulfate-free zirconium hydroxide are summarized 
in Figure 3. Material balances showed that the yield from 
zirconium sulfate to the hydroxide was approximately 98 
per cent, the greatest loss occurring as suspended solids 
in the wash water. Since an additional loss of 1 per cent 
occurred in the solution of the hydroxide in nitric acid. 
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allowance was made on Figure 3 for 1.01 pounds of zirconium 
as the washed hydroxide. 
Conversion of zirconium hydroxide to nitrate 
The washed zirconium hydroxide was dissolved directly 
in 68 per cent nitric acid. Filtration of the drained 
zirconium hydroxide to remove excess water was not necessary. 
It was possible to use a more dilute nitric acid than the 
68 per cent concentration, such as the commercially available 
38° Be. acid. The nitric acid was poured upon the zirconium 
hydroxide placed in a vessel provided with agitation. The 
heat of reaction was sufficient to raise the temperature to 
about 80®C. The conversion to zirconium nitrate required 
about 30 minutes with approximately one per cent of the 
zirconium failing to dissolve. Since the overall yield 
from zirconium sulfate to nitrate was 97 per cent, costs 
for chemicals in the preparation of zirconium must be divided 
by this factor. Volume requirements for the dissolution 
vessel were 1.25 gallons per pound of zirconium. 
The zirconium nitrate solution was clarified and 
adjusted to the feed concentration for extraction. A 
clarifying filter such as the Sparkler type was suitable to 
remove the small amount of solids present. Filtration was 
rapid, but no rates were measured. The clarified zirconium 
nitrate solution was analyzed for zirconium and total acidity. 
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The solution concentration was adjusted to 1.0 M zirconium 
nitrate and 7.0 N total acidity (5.0 N free nitric acid), 
and this zirconium nitrate solution was used as feed to 
the extraction unit. 
Extraction of Hafnium from Zirconium 
The hafnium content of the zirconium nitrate was 
reduced from about 2.5 per cent to less than 100 parts per 
million by solvent extraction. The method of separation is 
shown on the schematic diagram of Figure 4. The zirconium 
nitrate solution was introduced at an intermediate point in 
a mixer-settler extractor. An aqueous scrub solution and 
a solvent composed of 60 volume per cent tributyl phosphate 
and 40 volume per cent heptane were fed to opposite ends 
of the extraction unit. The solvent preferentially extracted 
the zirconium, leaving the hafnium and a majority of the 
minor impurities in the aqueous raffinate. The zirconium 
was removed from the solvent in a second extraction unit 
with a sulfuric acid solution, producing an aqueous product 
of purified zirconium solution. The stripped solvent was 
returned to the extraction unit for reuse. 
Not all of the operating conditions were studied in 
this i^ivestigation. The composition of the feed and scrub 
solutions and the magnitude of the relative flow rates of 
streams fed to the extraction unit had been fixed by 
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Peterson (1,12). it was desired to construct and test a 
production—type mixer-settler extractor and to demonstrate 
the use of zirconium nitrate feed prepared in the manner 
recommended. Procedures and operating conditions for 
efficiently stripping zirconium from the solvent were 
determined. 
Design of extraction unit 
A mixer—settler extractor was designed and constructed 
for the separation of hafnium from zirconium. With the flow 
ratios recommended by Peterson, about 14 actual stages were 
required for the separation. Since the usual packed, spray, 
or perforated plate extraction columns would be over 150 
feet in length to give l4 stages, it was decided to employ 
a more compact extractor of the mixer-settler type. In this 
extractor two liquid phases flowed countercurrently through 
a series of mixers and settling chambers. The mixer-settler 
ordinarily has a high efficiency since the phases may be 
I thoroughly mixed in one compartment and allowed to settle 
j completely in a second compartment. Since the stage efficien-
I cy of a mixer-settler is nearly independent of the extraction 
j system, extensive testing and accumulation of operating 
j characteristics was unnecessary. 
^ The mixer-settler selected for this study was that 
I developed by the Knolls Atomic Power Laboratory (3,4). 
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This mixer-settler utilized countercurrent flow between 
stages and cocurrent flow within the stage. In Figure 5 
are shown the schematic flow pattern and design features 
of this unit. The stages were horizontally arranged side-
by-slde with the mixer compartments on alternate ends of 
adjacent stages. Organic phase overflowed from the settler 
into the subsequent mixer. One unique feature of this 
extractor was the automatic control of the phase interfaces 
by pumping of the aqueous phase. The impeller acted both 
as a mixer and as a centrifugal pump, with the inlet of 
the pump at the lower end of the hollow shaft projecting 
into a compartment below the mixing section and with the 
discharge inside the mixer chamber. Provision was made for 
the mixed phases to flow from the mixer chamber to the 
compartment below. Such an arrangement is shown schematically 
in Figure 5. The aqueous phase was pumped from the previous 
settler to the subsequent mixer by the impeller. The 
interfaces in the settling compartments were controlled at 
j about the level of the pump inlet by this pumping action. 
1 The impellers were provided with pumping capacity in excess 
j of that required to move the aqueous phase. If aqueous 
I phase were above the level of the end of the impeller shaft, 
I the pumping action lowered the interface by moving the 
t 
I aqueous phase to the mixer compartment. If the interface 
I 
i were below the pump inlet, the mixed phases were merely 
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recycled. The excess pumping capacity thus produced a 
make and break" effect upon the interface level at the pump 
inlet. 
A l4-stage extractor was constructed using the principles 
of the Knolls design. The unit was similar to early models 
of the Midi unit. The material of construction for the 
Interior was rigid polyvinyl chloride, sold under the trade 
name "Lucoflex." The outside walls of the unit were made 
of polyethylene film supported by glass plate. Sponge 
rubber strips were placed on the glass to coincide with the 
edges of the plastic partitions and thus prevent liquid flow 
around the partitions when the assembly was pressed together. 
The unit was modified slightly from the original design in 
an attempt to obtain a better flow pattern. The mixer compart­
ment was made 2 1/4 inches square by 2 1/4 inches deep. The 
settler chamber was 2 1/4 inches by 7 inches long by 5 1/2 
inches deep. A second three-stage extractor was constructed 
in the same manner for use in stripping the solvent of puri­
fied zirconium. Figure 6 is a photograph of the plastic 
interior of the extractor. In Figure 7 the method of support 
for the polyethylene is indicated. The pump-mix impeller 
employed is illustrated in Figure 8. 
Tests upon the three-stage unit gave individual stage 
efficiencies of 95-100 per cent with the system tributyl 
phosphate-nitric acid-water. No stage efficiencies were 
Fig. 6 - Interior Construction of Mixer-Settler Extractor 
Pig, 7 _ Mixer-Settler Extractor Showing Method of Support for Polyethylene Liner 
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Fig. 8 
- Pump-Mix Impeller Used in Extractor 
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determined for the l4~stage unit because of uncertainties 
in the equiliTDriuin data when applied to a large number of 
stages. 
Extraction and stripping operations 
The separation of hafnium from zirconium was accomplished 
by solvent extraction with tributyl phosphate. The zirconium 
was preferentially extracted by the solvent, leaving a 
hafnium concentrate in the aqueous raffinate. A fractional 
extraction technique was used in which the feed was intro­
duced at an intermediate point in the extractor. The 
organic solvent and an aqueous scrub solution were fed to 
opposite ends of the extractor. 
In the analysis of the extraction operation the mixer-
settler was divided into extraction and scrub sections as 
shown in Figure 4. The region between the scrub entry 
point and the feed stage was taken as the scrub section. 
In this region only solvent and scrub solution were present. 
The solvent entering the scrub section contained the 
zirconium and hafnium transferred from the feed solution 
in the previous stage. The action of the scrub solution 
was to progressively decrease the relative concentration of 
hafnium in the solvent since the scrub solution preferentially 
extracted hafnium. Thus as the solvent passed through the 
scrub section, both hafnium and zirconium were transferred 
to the scrub solution, but the preferential action of the 
scrub removed relatively more hafnium, leaving hafnium-free 
zirconium in the exit solvent phase. 
The extraction section was defined as the region from 
the solvent entry to the feed stage. The action of the 
Solvent in the extraction section was to reduce the amount 
of zirconium and hafnium leaving in the raffinate solution. 
In the feed stage about 50 per cent of the total hafnium 
and zirconium was transferred to the solvent entering the 
scrub section. The function of the extraction section 
was to prevent the remainder of the zirconium from leaving 
the extraction unit in the raffinate. The entering solvent 
progressively extracted the hafnium and zirconium from the 
aqueous phase and carried back to the feed stage the maijority 
of the material leaving that stage. Since the solvent 
preferentially extracted zirconium, the aqueous phase grew 
progressively richer in hafnium although both materials 
were being transferred to the solvent. Thus a hafnium 
concentrate left the extractor in the aqueous phase, or 
raffinate. 
Stage requirements for hafnium and zirconium separation 
were determined by an approximate method using a modified 
McCabe-Thiele graphical construction (Appendix B). It was 
found that 14 equilibrium stages with feed to the fifth 
stage from the scrub end of the unit would give a zirconium 
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extract containing less than 100 parts of hafnium per 
million with a raffinate of 65 per cent hafnium. The 
feed and product stream flow rates and compositions for 
these results are shown in Figure 4. 
Since the extraction system variables had been 
determined, experimental work upon extraction in this 
investigation was concerned principally with demonstrating 
that feed prepared in the manner described would not form 
emulsions during extraction, and with preparing product solu­
tions for acid recovery studies. It was further desired to 
obtain information upon the necessary procedure and 
frequency of regeneration fdr the solvent. Five runs 
were made using the recommended extraction conditions in the 
l4-stage mixer-settler. All of these tests used the same 
feed composition and feed stage location as did Peterson for 
feed made from the sulfate. The feed-solvent ratio was 
kept constant at 0.200, and the scrub-solvent ratio was 
varied from O.167 to 0.235. No difficulty was encountered 
in settling of the phases-during these tests, and it was 
concluded that the method of feed preparation was satisfactory. 
No significant variation in product quality occTirred among 
four of these tests, but one test gave a purer zirconium 
product and a more concentrated hafnium raffinate. The 
aqueous product oxides contained 500-2500 parts per million 
of hafnium in four of the tests, while one test produced 
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zirconium containing 150-500 parts per million of hafnium. 
In four tests the raffinate oxides were 25-40 per cent haf­
nium with the fifth test giving 8O-99.8 per cent hafnium. 
It was desired to produce an aqueous product of zirconium 
containing less than 100 parts of hafnium per million with 
a raffinate about 65 per cent hafnium. It was demonstrated 
by Peterson (12) that this objective could be accomplished 
using about 12 theoretical stages with acidified recycle 
solvent. Since this amount of separation was not attained 
under the same conditions of operation using the Knolls-type 
extractor constructed, the efficiency of the extraction 
unit constructed was less than the 90 per cent anticipated. 
Stagewise analysis of streams within the extractor indicated 
that a reversed flow pattern was present in the central 
stages. It was found that aqueous streams containing rela­
tively more hafnium than was present in the feed appeared 
between the feed stage and the scrub entry point. Since 
a check of mass transfer and separation factors confirmed 
\ the work of Peterson, such a situation was impossible if 
} 
I the extractor were operating as a countercurrent unit with 
f 
j all streams passing through each mixer compartment. There-
i 
1 fore, it was concluded that the flow of the phases did not 
2 
I follow the desired countercurrent path and resulted in very 
I low stage efficiency. This effect was probably caused by 
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the by-passing of phases through the mixer and leakage in 
the partitions between stages. 
In spite of the low efficiency obtained in the 
extraction unit, it was considered that a properly designed 
and constructed unit would give efficiencies of about 95 
per cent as reported by Knolls Atomic Power Laboratory. 
Since the equilibrium data of Peterson was confirmed, and 
the high efficiency of the Knolls extractor has been 
demonstrated for a number of systems, the results obtained 
using 12 theoretical stages were employed in subsequent 
design calculations. These results have been demonstrated 
using a more efficient extractor than the one here reported 
(12,13). It was therefore anticipated that a l4-stage 
extractor would yield the results shown in Figure 4. 
Based upon a hafnium concentrate of 65 per cent hafnium, 
the yield of purified zirconium was 98.7 per cent of the 
zirconium fed to the extractor. Unless a demand develops 
for pure hafnium, it was considered unnecessary to increase 
this yield. If hafnium containing less zirconium were 
desired, however, it would be possible to produce 99.9 per 
cent hafnium by the addition of approximately three more 
stages in the extraction section. Since the chemical 
requirements in feed preparation were based upon the total 
weight of hafnium and zirconium rather than zirconium alone, 
the overall yield of purified zirconium based upon the 
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total hafnium-zirconium fed to the unit was calculated for 
cost analysis purposes. This yield was 96.2 per cent of 
the total weight of oxides fed to the extractor. 
The solvent leaving the extraction unit was stripped 
of the purified zirconium in a second mixer-settler. It 
was desired to remove the zirconium and retain as much 
nitric acid in the solvent as possible. The operating 
conditions for zirconium removal from the solvent are 
shown in Figure 4. Four actual stages were used with 
6.0 N sulfuric acid as the stripping agent. Approximately 
73 per cent of the nitrate ion originally present was 
retained in the solvent while completely stripping the 
zirconium. The stripped solvent was recycled to the extrac­
tion unit. 
Originally, water was employed as the stripping agent, 
but it was found that sulfuric acid removed the zirconium 
in fewer stages and produced a more concentrated aqueous 
product. Since sulfuric acid would have been added to the 
aqueous product for nitric acid recovery in either case, no 
additional cost was involved. Sulfuric acid stripping 
permitted recycle of solvent containing more nitric acid 
than with water stripping. The higher concentration of 
nitric acid in the recycle solvent made the solvent more 
preferential for zirconium in the extraction unit and thus 
reduced the zirconium content of the raffinate, giving a 
49 
higher proportion of purified zirconium and a raffinate 
containing a greater percentage of hafnium. In addition, 
it appeared that the sulfuric acid slowed the degradation 
of the solvent by removing some of the decomposition products 
and permitted more extensive use of the solvent before 
regeneration. 
Since the system sulfuric acid-zirconium nitrate-tributyl 
phosphate solvent was too complicated for calculation of stage 
requirements for equilibrium data by standard methods, 
extraction stages and conditions for stripping were determined 
empirically by a series of simulated column extractions. 
These simulated columns were used to provide the same data 
as a countercurrent extraction operation by the use of separa-
tory funnels as extraction stages. The flow pattern was 
arranged to approximate countercurrent flow of solvent and 
sulfuric acid. In all tests a standard solvent containing 
25 grams per liter of zirconium oxide and about 2.35 N in 
total acidity was used. The solvent was stripped with 
sulfuric acid in a three-stage simulated column. For each 
concentration of sulfuric acid the acid-solvent volume ratio 
was decreased until a test resulted in incomplete stripping 
of the zirconium as shown by analysis of the stripped solvent. 
The next higher ratio investigated was taken as the minimum 
acid-solvent ratio that would completely remove the zirconium. 
The results of these tests are given in Table 5. The 
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Table 5 
Effect of Sulfuric Acid Concentration upon Stripping 
Conditions for Removal of Zirconium from Tributyl 
Phosphate Solvent in Three Extraction Stages 
Solvent: 25 grams/liter zirconium oxide, 2.35 N acidity 
Sulfuric Acid Min. Acid-Solvent Nitric Acid 
Concentration Volume Ratio Concentration in 
M Stripped Solvent 
1 N 
0 0.333 1.00 
2 0.222 1.23 
0.190 1.42 
5 0.174 1.55 
6 0.11^8 1.72 
7 0.142 1.78 
minimum acid-solvent volume ratios obtained are plotted in 
Figure 9 as a function of sulfuric acid concentration. The 
region to the upper right of the solid line represents 
complete stripping of zirconium from the solvent. As the 
concentration of sulfuric acid was increased^ a smaller 
volume of solution was required for complete stripping. 
Figure 10 shows that increase of sulfuric acid concentration 
increased the nitric acid concentration in the stripped 
solvent. 
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The choice of sulfuric acid concentration for the 
solvent stripping operation was based upon several factors. 
It was desirable to recycle a solvent with as high a nitric 
acid content as possible in order to improve the extraction 
operation. A dotted reference line for a sulfate-zirconium 
molar ratio of 2.0 was drawn on Figure 9. This ratio was 
that necessary to produce zirconium sulfate in subsequent 
acid recovery. It was considered undesirable to 
exceed this ratio by more than about 20 per cent in order 
to avoid complication of subsequent nitric acid recovery. 
A large amount of free sulfuric acid decreased recovery of 
nitric acid and produced a slurry of zirconium sulfate more 
expensive to convert to the oxide or fluoride. It was there­
fore desired to choose conditions such that location on 
Figure 9 would be to the upper right of the complete stripping 
curve and no more than 20 per cent above the 2.0 molar ratio 
reference curve. Recycle of solvent with a high nitric acid 
concentration demanded that the highest possible sulfuric 
acid concentration be selected. Under these limitations a 
concentration of 6.0 N sulfuric acid was chosen as the strip­
ping agent. The minimum acid-solvent ratio was 0.148, and 
the nitric acid concentration in the stripped solvent was 
1«70. The volume of the strip solution Increased approximate­
ly 11.5 per cent during extraction. 
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Actual operation in the mixer-settier extractor with 
a 6.0 N sulfuric acid-solvent ratio of 0.148 gave results 
very close to the predicted values except that occasionally 
traces of zirconium remained in the solvent. It was there­
fore recommended that the actual number of stages be increased 
from three to four in order to provide a safety factor. 
The increase would not appreciably affect stream compositions. 
The compositions of streams obtained in mixer-settler 
operation are shown in Figure 4. 
Solvent Treatment and Recovery 
Under normal conditions the stripped tributyl phosphate 
solvent was recycled directly to the extraction unit. How­
ever, the solvent became degraded after a period of use, 
necessitating a regeneration procedure. Moreover, the 
tributyl phosphate-heptane solvent changed in composition 
during operation because of losses of heptane by evaporation. 
Solvent degradation and regeneration 
After a period of operation the solvent deteriorated 
in physical characteristics. The two most important aspects 
of this degradation were the increase in settling time 
required for phase separation and the probable formation 
of a complex of zirconium and hafnium in the organic phase 
that could not be removed by normal stripping operations. 
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It has been suggested that the formation'of the stable 
zirconium and hafnium complex was caused by the presence of 
hydrolysis products of tributyl phosphate, such as monobutyl 
and dibutyl phosphates. This complex retained zirconium and 
hafnium in the organic phase, resisting all attempts to 
strip the material from the solvent with vjater. Several 
stripping agents, such as sulfuric acid, were more effective 
than water, but none were completely satisfactory. The total 
amount of zirconium and hafnium retained by the solvent was 
negligible wnen compared to the amount of zirconium processed 
but over a period of time built up to an appreciable concen-
orat'ion. Since the solvent was recycled, it was undesirable 
to introduce a material containing a large amount of 
zirconium into the high hafnium end of the extraction unit. 
Use of solvent exhibiting an increased phase settling 
time decreased the capacity of the extraction and stripping 
units, producing less purified zirconium in a given size of 
extractor. The appearance of a substantial increase in 
phase settling time required that fresh solvent be introduced 
fortunately, the change in settling time did not occur 
until after a prolonged period of operation. 
The exact nature of the effect upon degradation of 
time of contact and the number of contacts of the solvent 
and feed vjas unknown. It appeared that time after initial 
contact was a factor, but was not as important as the number 
of subsequent solvent-feed contacts and the time interval 
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between the contacts. Since no quantitative criterion 
for degradation was derived, it was not possible to formulate 
a mathematical relationship between extraction variables, 
such as hold-up and flow rate ratios, and the time before 
the required introduction of fresh solvent. Consequently, 
investigation of the amount of solvent reuse was done 
upon the basis of actual experience in operation. 
Two tests employing extensive recycling of the solvent 
were carried out to obtain an estimate of the permissible 
solvent reuse. In the first of the tests operation was 
continued for 91 hours, recycling the solvent 14 times with­
out excessive degradation. The extractor employed was 
made from 2-inch test tubes, and the solvent-feed ratio was 
1.0. The solvent was stripped with distilled water. The 
second test employed the pump-mix extractor, more nearly ap­
proximating commercial equipment and operating conditions. 
The solvent-feed ratio of 5.0 was that recommended for actual 
use. Solvent regenerated by the recommended procedure was 
used rather than new solvent as in the previous test. 
Stripping was carried out with sulfuric acid, a more effec­
tive agent for zirconium removal than water. In this test 
the solvent was recirculated 31 times in 71 hours with an 
average solvent inventory of 6.05 gallons. Some decrease 
in phase settling time was noted in one stage of the 
stripping unit, but this increase was not sufficient to 
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cause operational difficulty. The amount of zirconium 
produced in this time was 27.^ pounds of hafnium-free 
material. For the basis of calculation it was assumed 
that 6.0 gallons of solvent could be reused 30 times, 
producing 21A pounds of zirconium. 
Other workers using tributyl phosphate have found 
regeneration necessary. A solvent regeneration procedure 
has been developed by Knolls Atomic Power' Laboratory for 
use in the Purex process (8). The work upon regeneration 
as applied to hafnium-zirconium separation was a modifica­
tion of this method brought about by more stringent require­
ments for effective regeneration. The regenerating method 
for the Purex process was a contact with one-fifth volume 
of 0.1 M sodium hydroxide. It found that two contacts 
with 0.2 M sodium hydroxide were necessary for regeneration 
of solvent employed in this investigation. 
A complete solvent regeneration procedure was devised 
for solvent used for hafnium-zirconium separation. The 
solvent leaving the stripping unit was I.70 N in nitric 
acid. In order to conserve this acid the solvent was first 
stripped with I.35 volumes of distilled water in a small 
mixer-settler extractor. Three theoretical stages recovered 
99 per cent of the acid in the solvent. Since the solvent 
was regenerated only once every 30 cycles, the nitric acid 
losses were negligible when compared to the total amount of 
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acid use. The solvent free of acid was then batch contacted 
twice with one-fifth volume of 0.2 M sodium hydroxide. In 
each contact mixing was continued for ^^5 minutes and the 
phases allowed to settle for 30 minutes before separation. 
The solvent was then mixed with an equal volume of water 
for 15 minutes and allowed to settle for 20 minutes before 
separating the phases. During and following these contacts 
the organic phase was.cloudy in appearance because of 
entrained aqueous phase. The solvent could be c.larified by 
a wash with 0.05 N nitric acid. However, it was simpler to 
acidify the solvent directly for reuse by contacting with 
an equal volume of about 6.8 N nitric acid. The nitric acid 
used to acidity the solvent was subsequently employed as 
scrub solution. No difference in extraction properties 
from new solvent was detected with solvent regenerated in 
this manner. The regenerated solvent was a clear yellow 
in color as contrasted to water-white unused solvent; 
settling and extraction properties remained the same. 
Solvent losses 
The losses of solvent in the extraction process were 
quite small and therefore difficult to measure. Tributyl 
phosphate was non-volatile while the heptane losses by 
evaporation were appreciable. Hence, heptane losses were 
more easily measured but were less important because of 
the lower price. 
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The principal sources of loss for tributyl phosphate 
were solubility in the aqueous phase and entrainment by 
the leaving raffinate and strip solutions. The reported 
solubility of tributyl phosphate in water was O.39 grams 
per liter, but it was found that solubility in acid was 
less than in distilled water. In one test carried out for 
91 hours the losses of tributyl phosphate were 1.15 liters 
for an aqueous flow of 448 liters. In this test the solvent-
aqueous flow ratio was 0.5 instead of the recommended value 
of* 2,5. It was assumed that losses were in direct propor­
tion to the relative amount of aqueous phase circulated. 
With the recommended flow ratios about 11 liters of aqueous 
phase feed were required for each pound of zirconium 
produced. On this basis the tributyl phosphate losses 
were O.O283 liters or 0.0074? gallons per pound of hafnium-
free zirconium produced. Confirmation of this magnitude 
of loss was given in a 24-hour test in which the solvent 
was recycled 8 times, producing 9.6 pounds of zirconium 
with no losses detected. In a second test of 71 hours 
duration losses were approximately O.OO75 gallons per pound 
of zirconium. 
Losses of commercial heptane were considerably higher 
than for tributyl phosphate because of its greater volatility 
and because of the use of an open extraction apparatus. In 
a test of 71 hours the losses of heptane were about 1.6 
60 
gallons for a zirconium production of 27.4 pounds, or 
0.0583 gallons per pound of zirconium produced. If the 
extractor were enclosed, these losses would probably be 
reduced. Losses of solvent during the regeneration were 
negligible if precautions, were exercised to prevent heptane 
evaporation. 
Since the losses of tributyl phosphate and heptane were 
not equal, it was necessary to adjust the composition of the 
solvent mixture at intervals by addition of heptane. The 
acid-free solvent mixture was analyzed by specific gravity 
measurement, and the composition was related to specific 
gravity by the following equation; 
^ TBP = 378.3(Sp. Gr.) - 270.7. 
The specific gravities were determined with a Westphal 
balance at 25°C referred to water at 25°C. Solvent mixtures 
were saturated with water but contained only traces of 
I nitric and no zirconium nitrate. Maximum error of the 
• analysis and correlation was about ±0.5 per cent tributyl 
! phosphate. 
f The heptane was normally added to the solvent after 
j regeneration and just before acidification. A portion of 
I the cloudy, regenerated solvent was withdrawn and made very 
5 slightly acid with a dilute solution of nitric acid. The 
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composition of the sample was determined and the entire 
batch reduced to 60 per cent tributyl phosphate by addition 
of the calculated amount of heptane. 
Nitric Acid Recovery 
For economical operation a large portion of the nitric 
acid leaving the extraction and stripping units must be 
recovered. Approximately 8.9 pounds of nitric acid was 
used for each pound of zirconium produced, both as nitrate 
ion associated with zirconium and as free acid. Of the 
total nitrate ion leaving, about 30 per cent was present in 
the aqueous product with the remainder in the rafflnate. 
The objective of the recovery experiments for nitric acid 
the substitution of the cheaper sulfate ion for the 
nitrate and subsequent evaporation of the solution to collect 
the nitric acid as condensate. 
Aqueous product nitric acid recovery 
The aqueous product solution, containing about 30 per 
cent of the nitrate to be recovered, had the following 
composition; 137 grams per liter of zirconium oxide, 
5.23 N sulfuric acid, and 4-.17 N nitrate ion. The sulfate-
zirconlum molar ratio was 2,35 as compared to the ratio of 
2.00 required for normal zirconium sulfate. It was proposed 
to evaporate this solution, removing nitric acid and leaving 
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a residue of zirconium sulfate and sulfuric acid. It was 
desirable to add no more sulfuric acid than necessary in 
order to keep acid costs low and to avoid difficulties in 
final conversion of the zirconium sulfate. 
Direct evaporation of the aqueous product solution was 
carried out on 500 cc. batches in a distilling flask. The 
425 cc, of condensate collected before measurable quantities 
of sulfate appeared contained 98 per cent of the nitrate ion 
as a 4-.80 N nitric acid solution. It was therefore required 
to evaporate 85 per cent of the solution volume, or about 
9.7 pounds of condensate per pound of zirconium. Since the 
great portion of the nitric acid was distilled near the 
end of the evaporation, it was important to continue the 
evaporation until the residue appeared as a nearly dry mass 
of zirconium sulfate crystals. If the first 30 per cent of 
the condensate were discarded, the total recovery would 
decrease to approximately 94 per cent and give a condensate 
7.1 N nitric acid. 
Changing the proportion of sulfuric acid in the solu­
tion did not increase the yield of nitrate ion. An 
increase of sulfuric acid concentration brought about a 
decrease in the amount of acid recovered before appreciable 
quantities of sulfate appeared in the distillate. Decrease 
of the relative amount of sulfuric acid did not appreciably 
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affect the yield of nitric acid, but resulted in zirconium 
sulfate contaminated with zirconium oxide. 
Assuming a 98 per cent yield, the nitric acid loss was 
0.052 pounds of 100 per cent acid per pound of zirconium 
produced as the sulfate. The residue was solid zirconium 
sulfate wet with a small amount of approximately 75 per 
cent sulfuric acid. The zirconium sulfate was processed to 
compounds more suitable for reduction to metal. 
The recovered nitric acid was in the form of a 4.80 N 
solution containing 2.5^ pounds of nitric acid per pound 
of purified zirconium produced as the sulfate. In order to 
be reused this solution had to be concentrated to 12.5 N. 
in a rectifying column. 
Raffinate nitric acid recovery 
It was desired to recover, a large portion of the nitric 
acid present in the raffinate solution by evaporation, 
leaving a residue of metallic sulfates. The solution to 
be evaporated had the following compositions 2.5 grams 
per liter of hafnium and zirconium oxides, 10 grams per 
liter of sulfate ion, and 4.^5 N nitric acid. Direct 
evaporation of this solution without any further additions 
was simple to test and evaluate. However, it was possible 
that addition of sulfuric acid might give higher recovery 
and easier large scale operation. 
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Both direct evaporation and evaporation after addition 
of sulfuric acid were tested. Evaporation of a 550 cc. 
batch of raffinate solution made 6,0 N in sulfuric acid 
gave 85 per cent sulfate-free nitric acid recovery. 
Several direct evaporations gave an average nitrate ion 
recovery of 94 per cent upon, evaporation to dryness of a 
500 cc, batch. Since it was impossible to remove all of 
the liquid from the distilling flask on such a small scale, 
this recovery value was probably conservative. Enough 
sulfate ion was present to form sulfates with the hafnium, 
zirconium, and minor elements present, forming a solid 
residue. The condensate was 4.18 N nitric acid solution 
containing no sulfate ion. If the first 30 per cent of 
the condensate were discarded, the concentration would 
rise to approximately 6 N with decrease in yield to about 
92 per cent. The use of sulfuric acid addition gave large 
amounts of sulfate ion in the condensate after about 425 cc. 
had been evaporated, and hence direct evaporation of the raf­
finate solution was chosen.-
The commercial evaporation of the raffinate could 
best be done continuously for removal of 90-95 per cent of 
the liquid. The remainder of the solution could then be 
evaporated to dryness in a batch finishing operation. Total 
weight of solution to be evaporated was 25.3 pounds per pound 
of purified zirconium produced as the sulfate. 
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The loss of nitric acid in raffinate evaporation was 
0.376 pounds of 100 per cent acid per pound of zirconium 
produced as the sulfate. The recovered acid was in the 
form of a 4.l8 N solution containing 5.9 pounds of nitric 
acid per pound of zirconium. The hafnium in the residue 
could be further purified or treated if desired. 
Concentration of recovered nitric acid 
Since 5 N nitric acid was required for scrub solution 
and about 12 N acid was needed for dissolution of zirconium 
hydroxide in the feed preparation, the recovered acid was 
not sufficiently concentrated for immediate reuse. The 
streams available for reconcentration were, on a basis of 
one pound of purified zirconium: 9.7 pounds of 4.8 N acid, 
25.3 pounds of 4.18 N acid, and approximately 2.4 pounds 
of 1.27 N acid from solvent regeneration. 
The concentration of these streams was not studied 
experimentally since data were available for the necessary 
calculations. Probably the most economical method for 
production of 5 and 12 N nitric acid was the use of a 
fractional distillation column. Such a unit would require 
less than 10 theoretical plates to produce acid to the 
desired concentrations with no more than 1 per cent loss. 
Assuming a loss of 1 per cent, the amount of nitric acid 
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expended in the distillation was calculated to he 0.084 
pounds per pound of zirconium produced. 
The total loss of nitric acid for the process was 
the sum of the losses in evaporation of aqueous product and 
raffinate solutions and in distillation, or 0.512 pounds of 
100 per cent acid per pound of zirconium produced as the 
sulfate. 
Final Conversion of Zirconium Product 
The zirconium sulfate produced could be made into a 
number of other compounds. Since it was desired to make 
zirconium metal from the purified zirconium sulfate, either 
the oxide or the tetrafluoride could be produced to meet 
alternative reduction schemes. Zirconium oxide was used 
the Kroll process for zirconium metal, in which the oxide 
was chlorinated and reduced with magnesium. Or, zirconium 
tetrafluoride was reduced with calcium in a process now under 
development at the Ames Laboratory, 
Conversion to zirconium oxide 
The zirconium sulfate was converted to zirconium oxide, 
Zr02, by a method similar to that employed for making 
zirconium hydroxide in feed preparation. The slurry of zir­
conium sulfate was dissolved in water to give an oxide 
concentration of 10 grams per liter, and zirconium hydroxide 
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was precipitated by the addition of 28 per cent ammonia. 
The hydroxide was filtered and washed. The washed cake 
was dried and calcined at about to produce zirconium 
oxide. 
The tank and filtration requirements were the same as 
those for zirconium hydroxide in feed preparation except 
that slightly more filtration area was required for cake 
washing. Less care was given to drying since the hydroxide 
product was not required to be acid-soluble. Ammonia 
requirements were 0.90 pounds of 100 per cent ammonia per 
pound of zirconium as the oxide. Water amounted to roughly 
12 gallons per pound of zirconium. The yield of zirconium 
from the sulfate to the oxide was essentially 100 per cent. 
Since equipment for the Kroll process was not available, 
no zirconium metal reductions were made with zirconium 
oxide. Nevertheless, it appeared that oxide made by this 
process would be of equal quality to that now used. 
Conversion to zirconium tetrafluoride 
The solid zirconium sulfate was converted to zirconium 
tetrafluoride by the direct addition of aqueous hydrofluoric 
acid. The monohydrated tetrafluoride formed was only slightly 
soluble in the sulfuric acid. The probable reaction was: 
Zr(S04)2-^H20 + 4HF = ZrE^^-RgO + 2H2S02^ + SHgO. 
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Both ij-8 and JO per cent aqueous hydrofluoric acid were tested 
for use in the reaction. It was decided to employ the 70 
per cent acid since it had the advantages of higher reaction 
temperature and decreased zirconium solubility. The 
maximum temperature of 100-110"C was reached within 2 minutes 
of the initial addition of the hydrofluoric acid. This 
higher temperature increased the reaction rate, allowing 
shorter times for completion than with ^ 8 per cent hydro­
fluoric acid. The liquid formed in the reaction was about 
21 N sulfuric acid. In order to produce sufficiently soft 
metal it was necessary to add approximately 5 per cent 
excess hydrofluoric acid. 
Zirconium tetrafluoride crystals were recovered from 
the reaction mass after agitation for 10 minutes. Though 
the crystals were filtered with the aid of vacuum on the 
laboratory scale, the commercial filtration could probably 
be best performed in a basket centrifuge. About 35 per 
cent of the liquid originally present was removed by suction 
filtration. The remainder of the sulfuric acid solution was 
washed out with acetone or absolute alcohol. Since zirconium 
tetrafluoride was somewhat soluble in water, it was 
necessary to employ organic solvents for washing. Determina­
tion of the amount of zirconium in the filtrate and in the 
wash solution gave an average loss of 1.5 per cent, of the 
zirconium originally present. 
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An estimate of per cent conversion showed that no further 
reaction occurred after 10 minutes of agitation. The 
method for estimation of conversion was the determination 
of the per cent zirconium oxide in the product. If the 
product were all zirconium sulfate tetrahydrate^ the per 
cent zirconium oxide was usually about 3^. Zirconium oxide 
content of the tetrafluoride monohydrate was calculated to 
be 66.5 per cent. Two samples taken at reaction times of 
10 minutes and Ik- hours gave 57.8 and 58.2 per cent zirconium 
oxide, respectively, indicating that the reaction was quickly 
accomplished, but that the monohydrate was probably not the 
material present. 
The present method for removing the water of hydration 
required that the sulfuric acid be washed from the zirconium 
tetrafluoride monohydrate with acetone or ethyl alcohol. 
The wash solution contained sulfuric acid and water dissolved 
in alcohol. Since heating or prolonged contact of these 
1 materials would decompose the ethyl alcohol, it was proposed 
i \ 
I to remove the water and acid by reaction with lime and to 
I 
; distill the absolute alcohol formed from the calcium j 
i 
1 hydroxide and sulfate. The lime required for this reaction 
j was calculated to be 6.8 pounds per pound of zirconium 
I produced as the tetrafluoride. Loss of ethyl alcohol was 
I ! 
I assumed 0.1 pounds per pound of zirconium. If centrifuging 
I rather than suction filtration were used, the amount of acid 
1 
f 
i 
i 
I 
70 
and water remaining in the crystals before washing would 
probably be reduced, decreasing the alcohol and lime 
requirements. 
Samples of the zirconium tetrafluoride were reduced 
to the metal using calcium. The hydrated fluoride was heated 
in an anhydrous hydrofluoric acid atmosphere to remove the 
water of hydration. Simple heating in air gave the oxyfluo­
ride, ZrOF2, an undesirable product for reduction. The 
dried fluoride was then reduced with calcium in a 2 1/2-
inch steel bomb lined with calcium fluoride. Pour samples 
reduced xi this manner gave A-Rockwell hardness values of 45, 
^5.5, 50, and 52. Specification for hardness set by the 
Atomic Energy Commission was 50 on the A-Roc^a^^ell scale. 
Ordinarily, reduction of the same sample in larger batches 
would lower the hardness. It was therefore concluded that 
metal produced through the fluoride would meet hardness 
specifications. 
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COST ANALYSIS 
A cost/ analysis for production of hafnium—free zirconium 
was made from the information and experience obtained in the 
investigation. No detailed plant design calculations were 
carried out. Location of the plant was not considered^ and 
consequently no freight was charged. However, it appeared 
that an East Coast Location would be the most economical for 
shipping of the raw materials. 
The daily production rate for the purification plant 
was chosen as 1000 pounds of zirconium per day based on 
operation for an average of 300 days per year. While in 
operation the plant would run for 24 hours per day and 
seven days per week. This size of plant roughly approximates 
that of the Bureau of Mines, Albany, Oregon which uses the 
thiocyanate extraction process. The cost estimate was made 
for the process following the flow sheet in Figure 11. This 
flow sheet is a summary of the flow sheets and recommended 
conditions given for previous steps of the process. Other 
data were taken from studies of necessary equipment size, 
type, and operation. Two cost estimates were made for the 
alternate products of the process, zirconium oxide and 
zirconium tetrafluoride. Since the processes for the two 
materials were identical until the final conversion of 
•1? 
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zirconium sulfate, the cost figures have been given together 
except in the final steps. 
Chemical Costs 
The raw materials required in processing were the 
major contribution to the cost of the finished product and, 
excluding freight charges, were probably the most accurately 
known portion of the estimate. The cost of the zirconium 
! raw material, washed reaction product, was estimated from 
the work of West (15) to be $0.l48 per pound. The costs of 
the other chemicals were estimated from listings in the 
: Oil, Paint, Drug Reporter. No freight costs were included. 
Yields of zirconium have been given for such sections 
' 
of the process as feed preparation, separation of hafnium 
and zirconium, and final conversion of the purified zirconium 
These yields were not cumulative as expressed, and so calcula 
tions were made from the product to the ravj material in 
I order to obtain the costs upon a uniform basis of zirconium 
I in the desired final product. The basis of the chemical 
i requirements was taken as 1.0 pound of zirconium in the 
I final product. No credit has been given for any value 
'i attached to the hafnium concentrate. Raw material costs are i 
I summarized in Table 6. 
Table 6 
Preliminary Raw Material Cost Estimate for Proposed Zirconium Purification 
Basis; One pound of zirconium in product 
Chemical Units/lb. Zr Unit Cost Cost/lb. Zr 
VJashed reaction product 
(ignited basis) 
Sulfuric acidj 95^ 
Ammonia, 100^ basis 
Nitric acid, 100^ basis 
Tributyl phosphate 
Commercial heptane 
Sodium hydroxide 
Process water 
2.29 lb. 
7.39 lb. 
1.36 lb. 
0.512 lb. 
0.007^7 gal, 
0.0583 gal. 
0.006 Ih. 
40 gal. 
$0.l48/lb. 
0.0113/lb. 
0.045/lb. 
0.103/lb. 
4.2Vgal. 
0.19/gal. 
0.06/lb. 
0.35/1000 gal, 
For Zirconium Oxide 
Ammonia 
For Zirconium Tetrafluorlde 
Correction for yield 
Hydrofluoric acid, 70^ 
Calcium oxide, crude 
Ethanol, absolute 
Total for Zirconium Sulfate 
0.90 lb. $0.045/lb. 
Total for Zirconium Oxide 
$0,595/0.985 
1.34 lb. 
6.80 lb. 
0.0152 gal. 
$0.185/lb. 
0.00475/lb. 
0.60/gal. 
Total for Zirconium Tetrafluorlde 
$0,339 
0.084 
0.061 
0.054 
0.032 
0.011 
0.000 
0.014 
$0,595 
$0.04l 
$0.1636 
$0,605 
0.248 
0.032 
0.Q09 
$0,894 
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Equipment Costs and Investment 
An estimate was made of the equipment required to process 
lOOO pounds of zirconium per day. The size of the equipment 
chosen was in several cases based upon scanty data and 
taken only for the purpose of preliminary cost estimation 
rather than design. In most instances the costs were 
estimated from published data (l6). In a few cases the 
costs were obtained from manufacturer's quotations. A 
factor of 1.43 was used to determine the installed cost 
from the cost, P. 0. B. the factory (10). When data were 
available for sizes different from those chosen, a six-tenths 
power of capacity ratios was used to estimate the cost of 
the size desired. The major equipment required for produc­
tion of 1000 pounds of zirconium per day are itemized in 
Table 7. 
In calculating the total capital investment, the 
i installed process equipment cost was used as the basis, 
1 with the investment for piping, instrumentation, and build-
I ing estimated as a fraction of this cost. The procedure 
I outlined by Zimmerman and Lavine (16) was used. Since it 
1 was considered that services such as steam and power would 
J be purchased from outside sources, no estimates were included 
\ in fixed capital for these facilities. The distribution of 
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Table 7 
Installed Process Equipment Cost for 
Zirconium Purification Plant 
Basis: 1000 pounds/day of hafnium-free zirconium 
Number Equipment Total Cost 
1 Bin, 100 ft.3^ wood $ 500 
1 Dryer, continuous through circulation, 
1000 lb. HaO/hr., steel 50,000 
1 Evaporator, double effect, 500 Ib./hr., 
Carpenter SS #20 10,000 
1 Evaporator, double effect, 1500 Ib./hr., 
Carpenter SS #20 23,000 
1 Evaporator, finishing pan, glass 
lined, 100 Ib./hr. 3,500 
1 Extractor, KAPL type, 3 stage, 0.4 
gpm, stainless steel 2,800 
1 Extractor, KAPL type, 4 stage, 
5.6 gpm. Carpenter SS #20 6,500 
1 Extractor, KAPL type, 14 stage, 
7.0 gpm, stainless steel 15,000 
1 Filter, clarifying, stainless steel 2,000 
2 1 Filter, rotary precoat, 25 ft. , 
Carpenter SS #20 8,000 
1 Filter, rotary, 60 ft.^, stainless steel 14,500 
12 Motor, 1/2 horsepower 500 
12 Pump, centrifugal, 50 gpm, Duriron 3j800 
2 Pump, slurry, 20 gpm, Duriron 2,000 
1 Reactor, 500 gal., agitated, glass lined 7^500 
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Table 7 (Continued) 
Number Equipment Total Cost 
1 Still, fractional with accessories, 
4000 Ib./hr.j stainless steel $ 30,000 
13,000 
16,000 
6,000 
2,000 
1,200 
2,400 
8,600 
2,400 
8,100 
20,000 
Equipment Sub-total $259^300 
Additional Equipment for Zirconium Oxide: 
1 Dryer and kiln, 1000 lb. H20/hr., steel $ 20,000 
1 Pilter, rotary, 60 ft.^. Carpenter SS #20 14,500 
2 Tank, 5000 gal., paddle agitated. 
Carpenter SS #20 16,000 
Total for Zirconium Oxide $309,800 
2 Tank, 10,000 gal., steel 
2 Tank, 5OOO gal., paddle agitated. 
Carpenter SS #20 
4 Tank, 500 gal., false bottom agitated, 
asphalt lined steel 
1 Tank, 25O gal., agitated, steam jacketed, 
stainless steel 
1 Tank, 250 gal.. Carpenter SS #20 
2 Tank, 500 gal., stainless steel 
2 Tank, 5OOO gal., steel 
1 Tank, 750 gal., stainless steel 
3 Tank, 1000 gal., agitated, stainless steel 
Miscellaneous 
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Table 7 (Continued) 
Number Equipment Total Cost 
Additional Equipment for Zirconium Tetrafluoride: 
1 BinJ 100 ft.^, wood $ 500 
1 Centrifuge, automatic, Hastelloy C 8,000 
1 Still, steel 5,000 
2 Tank, agitated, 100 gal., Hastelloy 0 2,500 
1 Tank, 5000 gal., steel 4,300 
1 Tank, 1000 gal., steel 1,000 
Total for Zirconium Tetrafluoride $280,600 
capital investment is shown in Table 8 for zirconium oxide 
and fluoride. 
Operating Costs 
The raw material costs for the process have been estimated. 
, 3  
i The total operating charges include these costs plus those 
j for utilities, labor, depreciation, maintenance, and adminis-
s 
i tration. t 
1 Labor requirements were estimated from experience in 
I 
I processing and handbook data upon labor needed for equipment 
operation. Hourly rates were based upon available data. 
i 
Table 8 
Capital Investment for Zirconium Purification Plant 
Basis; 1000 pounds/day of hafnium-free zirconium 
Installed Process Equipment (I. P. E.) 
Piping - 25^ of I. P. E. 
Instrumentation - 10^ of I. P. E. 
Building - 20^ of I. P. E. 
Total Plant Cost (T. P. C.) 
Engineering and Construction - 25$^ of T. P. C. 
Contingencies - 15^ of T. P. C. 
Total Capital Investment 
Cost 
Zirconium Zirconium 
Oxide Tetrafluoride 
$309,800 $280,600 
77,500 70,200 
31,000 28,100 
62,000 56,100 
$480,300 $435,000 
120,000 108,800 
72,100 65,200 
$672,400 $609,000 
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Five operators and one foreman would be required per eight 
hour shift. The labor v/as distributed as follows; 
Feed preparation 2 operators/shift 
Extraction and solvent recovery 1 operator/shift 
Acid recovery and zirconium conversion 2 operators/shift 
Supervision 1 foreman/shift. 
The requirements for maintenance personnel, analysts, and 
office help were calculated as functions of installed 
equipment or labor costs. 
The total capital investment was depreciated over a 
five year period. Power requirements were not well known, 
but were estimated as 200 kilowatts. Steam requirements 
were based upon the probable quantity of water to be 
evaporated. 
The procedure of Dybdal (6) was used in preparing the 
estimate. The preliminary estimates of total operating 
cost for both zirconium oxide and zirconium tetrafluoride 
are shown in Table 9. The direct conversion cost was the 
same for each compound, and only one estimate is shown for 
i 
I both. The bulk manufacturing cost was the sum of the direct 
! 
I conversion cost, the indirect conversion cost, and the raw 
materials cost. 
I The process costs given are those for zirconium compounds 
1 
I rather than the metal. To these costs must be added the 
I expense of reduction to the metal in order to gain a concept 
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Table 9 
Preliminary Process Cost Estimate for Zirconium 
Purification Plant 
Plant capacity; 1000 pounds/day of zirconium 
Basis: one pound of zirconium 
Unit Cost Cost 
Direct Conversion Cost 
Labor, 0.12 man hours $1.75/hr. $0,210 
Supervision, 0.02il- man hours 3.00/br. 0.072 
Power, 4.8 KWH O.Ol/KVffl O.O^fS 
Steam, 120 lb. 0.50/1000 lb. 0.060 
Maintenance (5^ per year installed equipment) 0.052 
Supplies (0.5^ per year installed equipment) 0.005 
Laboratory 0.050 
Payroll charges (15^ of labor and supervision) 0.042 
Overhead (40^ of labor, supervision, and 
maintenance) ^ O.133 
Total Direct Conversion Cost $0,672 
For Zirconium Oxide Product; 
Indirect Conversion Cost 
Depreciation (20^ per year, capital investment) $0,448 
Taxes {2% per year, capital investment) 0.045 
Insurance (0.2^ per year, capital investment) 0.004 
Total Indirect Conversion Cost $0,497 
Raw Materials O.636 
Bulk Manufacturing Cost, Zirconium Oxide $1,805 
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Table 9 (Continued) 
Cost 
For Zirconium Tetrafluoride Product.: 
Indirect Conversion Cost 
Depreciation (20^ per year, capital investment) 
Taxes (2^ per year, capital investment) 
Insurance (0.2^ per year, capital investment) 
Total Indirect Conversion Cost 
Raw Materials 
Bulk Manufacturing Cost, Zirconium Tetrafluoride' 
$0.406 
0.041 
0.004 
$0,451 
0.894 
$2,017 
of the relative importance of the two materials. Zirconium 
oxide is the compound used in the only commercial method, 
the Kroll process. Calculations indicated that the costs 
for chlorination of the oxide, reduction with magnesium, 
and processing of the sponge were about $4.10 per pound of 
zirconium metal. The overall yield from the oxide to the 
i 
I zirconium sponge was 63.5 per cent. The cost of zirconium 
i 
{ oxide used per pound of metal was therefore $1.81/0.635, or 
i 
j $2.85. The total cost from the ore to the finished metal 
1 sponge through caustic opening of the zircon sand was there-
I 
i fore $6.95. 
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Zirconium tetrafluoride was used in a calcium reduction 
of the anhydrous fluoride. The water of hydration was 
removed by heating in a hydrofluoric acid atmosphere, and 
the zirconium tetraf luoride, ZrF2|.. was reduced with 
calcium in a steel bomb lined with calcium fluoride. Since 
this process was still under development, cost data were 
not accurately known. However, it was estimated that the 
cost of the reduction was approximately $5.00 per pound of 
zirconium metal with a yield of about 9^ per cent. The total 
cost from the ore to the hafnium-free metal was thus 
approximately $7.15. On this basis the processes were nearly 
equivalent in the present stage of development. It is 
hoped that costs for reduction of the fluoride will be 
substantially decreased as a result of further research. 
The cost of purified zirconium oxide was compared with 
that estimated for production of this material by hexone-
thiocyanate extraction, the present commercial process. The 
cost estimate for this purification process developed at 
Oak Ridge was $1.34 chemical cost and $3.15 total operating 
cost per pound of zirconium as the oxide for a plant 
producing 150,000 pounds of zirconium per year (7). The 
estimates of chemical cost of $0.64 and total operating 
cost of $1.8l for the process under investigation were 
considerably less than for the Oak Ridge process making the 
same product. However, in order to compare the total 
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operating costs on an equivalent basis, the investment and 
labor costs were recalculated for a 150,000 pound per year 
scale. The revised total operating costs were increased to 
$2.17, still considerably less than the $3.15 for thiocyanate 
extraction. 
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DISCUSSION 
. 
investigation of the purification of zirconium 
"by tributyl phosphate extraction was not complete enough 
to permit a detailed plant design. The primary objective 
was the determination of a preliminary cost estimate based 
upon data obtained in laboratory and pilot plant studies. 
However, the process itself has been fixed in its broad 
outlines, and no further work was required upon the 
qualitative flow sheet. Data for the sizing and exact 
operation of several pieces of equipment were not adequate, 
but it was shown that such equipment was suitable for the 
process. The problems yet unsolved were defined. Chemical 
costs have been fixed as accurately as possible without an 
Integrated plant on a semi—works scale. The greatest 
unsolved problems were those of exact equipment size for 
several steps In the process and choice of materials of 
construction for some of the steps where highly corrosive 
solutions were present. 
A major portion of the experimental work was devoted 
to preparation of zirconium nitrate feed solution because 
of the difficulties encountered in preparing a feed that 
would not form emulsions in extraction. Dissolution of the 
washed reaction product in nitric acid had attractive possi­
bilities because of the simplicity of the procedure. 
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However, this method was dropped in favor of the more 
complicated sulfuric acid dissolution for two principal 
reasons: yield for the conversion of washed reaction to 
zirconium nitrate was much lower in nitric acid dissolu­
tion, and zirconium nitrate made directly from the raw 
material tended to form emulsions during extraction. 
The lower yield of zirconium nitrate was probably caused 
by partial conversion to the insoluble oxide during the 
evaporation. The evaporation itself was exceedingly slow 
because of the hard crust that formed on the heat transfer 
surfaces. Since the unit cost of the washed reaction product 
was greater than that of the other chemicals used, this 
decrease in yield had a strong influence upon the chemical 
cost. Much difficulty was encountered with feed solutions 
prepared by nitric acid dissolution in the actual extraction 
operation. Though suitable feed was made several times, 
often the feed prepared in this manner produced a stable 
emulsion in the extraction unit. If this emulsion occurred, 
the entire batch had to be discarded. Sulfuric acid 
dissolution gave feeds that consistently were satisfactory, 
offsetting the disadvantages of a more complicated process 
and a slight increase in extraction stage requirements. 
In preparing feed solution by sulfuric acid dissolution 
the zirconium sulfate solution was separated from the 
unreacted sands and silica by filtration using a precoat of 
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filter aid. It was found that the common diatomaceous earth 
filter aids, composed principally of silica, led to feed 
solutions that tended to produce emulsions. If the 
recommended carbonaceous filter aid were employed, this 
emulsion tendency disappeared. Undoubtedly some of each 
type of filter aid appeared in the final solution, but the 
presence of small amounts of carbon did not interfere with 
extraction as did the silica. 
The drying of zirconium hydroxide made from the zirconium 
sulfate solution was necessary in order to produce a granular 
material that could be washed free of sulfate. If this 
sulfate were not removed, separation of hafnium and zirconium 
suffered to a considerable extent. The drying requirements 
were quite large—21 pounds of water per pound of zirconium. 
Therefore, any methods for removing some of this water 
before the relatively expensive drying step would aid in 
reducing steam, power, and equipment costs. It might be 
( j possible to press some of the water from the cake before it 
I entered the dryer. In proposing any changes in this step 
I it must be remembered that the granular product of the 
( drying operation is necessary for effective washing. 
J Drying temperatures near the end of the water removal must 
I be limited to about 80®C or less in order to prevent conver-
a 
i 
! sion of the product to a less hydrated oxide insoluble in 
i nitric acid. Investigation of drying conditions and equipment 
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requirements should be undertaken to design- this step more 
accurately. 
Although the desired purity of zirconium was not 
attained using the 1^-stage mixer-settler constructed, it 
was considered that the capability of attaining any desired 
purity had been demonstrated adequately in previous work. 
Stagewise analysis of the scrub section showed that the 
stage efficiency in this region was quite low compared to 
that reported by Knolls Atomic Power Laboratory. Since 
the extractor used did not employ quite the same design or 
construction as that for which the efficiency was greater 
than 95 per cent, it was believed that the poor results 
obtained arose from the extractor used rather than an 
inherent low efficiency of the pump-mix extractor for this 
system. A check of mass transfer and separation factors 
gave results similar to those obtained by Peterson. Hence, 
if the extractor were efficient, the aqueous product would 
have contained less than 100 parts per million of hafnium. 
Rather than construct another extractor which could do no 
more than confirm results already obtained, the purification 
achieved in an extractor of nearly 100 per cent stage 
efficiency was taken for design purposes. No great diffi­
culty should be encountered in attaining l4 theoretical 
stages in a commercial extractor. 
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The solvent regeneration procedure was' determined strictly 
by experience with used solvent. Several other methods were 
^ tried, notably use of sulfuric acid, but none gave as satis­
factory results. It would be advantageous to employ an 
acidic material for regeneration since the basic solution 
of sodium hydroxide tended on occasion to form emulsions 
in the organic phase. These emulsions did not interfere 
with removal of aqueous phase and could eventually be 
removed by acidification. However, it would be helpful to 
employ material not forming these emulsions. 
One possible complication not investigated was the 
method of degraded solvent replacement in the extractors. 
If the used solvent were collected at the end of the stripp­
ing unit while introducing fresh solvent in the extraction 
unit to replace it, some mixing of the two materials would 
inevitably occur. The effect of this mixing upon the 
qualities of the fresh solvent could not be predicted from 
the data available since the extent of mixing was not 
known. Probably the best procedure in the commercial plant 
I would be to attempt simple displacement of the solvent 
j 
I after 30 cycles. If this method gave unsatisfactory solvent 
i 
I from settling time considerations, the number of cycles could 
I be reduced without appreciably affecting plant operation. 
1 
I Studies of the mechanism and rate characteristics of the solvent 
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degradation would be helpful in improving regeneration 
methods and replacement schedules. 
The acid recovery studies were based upon batch evapora­
tion experiments. However, it was recommended that the 
commercial plant employ continuous, multiple effect evapora­
tors except for the final stage of the water and acid 
removal. Continuous evaporation would be more economical 
than the batch operation, but could not be used to completely 
evaporate the solution. For this reason a small finishing 
pan was recommended for removal of the last 5-10 per cent 
of the raffinate liquid. Feed to the rectifying column for 
nitric acid concentration could be part vapor and part 
liquid, the exact proportions depending upon heat loss and 
the number of evaporator effects. Since the design of 
distillations columns is well known, and equilibrium data 
for the nitric acid-water system have been published, no 
calculations or experiments were made for nitric acid 
concentration. 
The conversion of zirconium sulfate to fluoride was 
incompletely studied. In order to conduct a more comprehensive 
I investigation of manufacture of the hydrated fluoride, the 
I 
I removal of the water of hydration should be studied concur-
] • 
I rently. Since evidence indicated that incomplete conversion 
i to the fluoride monohydrate occurred in the aqueous hydro-
i 
I fluoric acid atmosphere apparently completed the fluorination 
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reaction. It might be possible to obtain a better balance 
between the aqueous and vapor portions of the fluorination 
by proper choice of conditions for each. 
A second important effect in fluorination procedure 
was the removal of the sulfuric acid from the zirconium 
fluoride crystals. Experimentally, the acid was filtered 
in a vacuum apparatus, removing about 35 per cent of the total 
liquid. The adhering acid solution was then washed out 
with acetone or alcohol. Use of the greater filtration 
driving force available in a centrifuge would probably 
reduce the amount of liquid adhering to the crystals and 
consequently decrease the amount of washing necessary and 
the lime requirements for alcohol recovery. It may also be 
possible to eliminate entirely the washing step by evaporat­
ing the liquid during the dehydration of the fluoride. The 
furnace liner for this step was made of magnesium, unsuitable 
for use with sulfuric acid. By construction of a liner with 
a more resistant alloy, such as Hastelloy C, this difficulty 
might be resolved and the washing step eliminated. Such a 
i I method should be tested, employing the product metal 
J 
I hardness as the criterion for the success of the procedure. 
I The plant chosen for the cost analysis was based upon 
I 
i 1000 pounds per day of zirconium production. This size was 
I roughly that of existing purification facilities at the 
i Bureau of Mines, Albany, Oregon. Since the demand for 
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hafnium-free zirconium cannot be evaluated at this time, 
this size may be either too small or too large to fill 
projected zirconium requirements. Change of estimated 
plant size v/ould have greatest effect upon labor costs with 
some change in depreciation charges. 
When possible, the choice of equipment for the projected 
plant was based upon requirements determined experimentally. 
In several instances equipment cost was estimated from 
general operating needs rather than specific data. In 
particular, the size of storage tanks was based upon 
estimated requirements for inventory of raw materials and 
streams in process. Since the total capital investment 
was determined from fractions of the installed equipment 
cost, the depreciation charges were not regarded as suffi­
ciently accurate for any use other than for a preliminary 
cost estimate. The same reasoning applied to payroll, 
administration, and maintenance costs. 
Cost estimates were made for two alternative products, 
zirconium oxide and zirconium tetrafluoride. The eventual 
relative importance of these two materials is not yet clear. 
I 
I The Kroll process, employing zirconium oxide, is the only 
\ 
i commercial reduction now in use. However, the reduction of 
I zirconium tetrafluoride may eventually replace this method 
I should substantial decrease in costs be effected. Develop-
ment of this process is nov; being undertaken at the Ames 
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Laboratory. At present the major contribution to the cost 
of reduction is the cost of calcium used as the reducing agent. 
It is hoped that magnesium could be substituted, though pre­
vious experiments with magnesium have produced metal too 
hard to meet specifications. Since the cost of calcium is 
about $2.00 per pound and that of magnesium is about $0.27, 
reduction with magnesium would cause large savings, particular~ 
ly since the weight of magnesium required is about one-
half that of calcium. One present advantage of the fluoride 
reduction is the higher yield of acceptable metal per pound 
of zirconium contained in the material to be reduced. 
In addition to its proposed use in nuclear reactors, 
zirconium has properties making it attractive as a corrosion 
resistant material for construction for chemical operations. 
If zirconium were used in this manner, removal of hafnium 
would not be necessary, and the costs would consequently be 
reduced by the amount required for the separation alone. 
j The cost estimates for zirconium were recalculated for 
I i production of oxide and tetrafluoride without hafnium 
i extraction. The chemical costs for the oxide and fluoride 
\ 
• were approximately $0.45 and $0.70 per pound of zirconium, 
^ respectively. Total cost was about $1.20 for each product. 
The reduction cost added to these estimates brought the 
I total cost for the metal to about $6.25 for each process. 
i 
It was concluded that zirconium oxide produced in this 
9^  
manner has little advantage over the present Kroll process, 
but that reduction of zirconium,fluoride shows promise if 
the actual reduction costs could be decreased. At the costs 
estimated, it is possible that zirconium metal would be 
employed in place of several more expensive alloys now 
required for corrosive service. 
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CONCLUSIONS 
The investigation of the pilot plant extraction of haf­
nium from zirconium resulted in the following conclusions: 
1. A process was developed for the separation of hafnium 
from zirconium "by extraction with tributyl phosphate 
solvent. A process flow sheet was determined, all 
portions of which were demonstrated on either 
laboratory or pilot plant scale. This process was 
developed as an alternate to the currently used 
thiocyanate extraction. 
2. Zirconium nitrate solution for extraction separation 
was most economically prepared from the washed 
product of the reaction between zircon sand and 
caustic soda by dissolution in sulfuric acid. The 
zirconium sulfate solution was precipitated as 
zirconium hydroxide, filtered, dried, washed, and 
dissolved in nitric acid. Chemical costs of this 
method were significantly less than those for 
direct solution of the washed reaction product in 
nitric acid. 
3. Hafnium and zirconium were separated by extraction 
from a 5.0 N nitric acid solution with a solvent 
60 per cent tributyl phosphate-40 per cent heptane. 
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The operating conditions for extraction, equipment 
size and type, and product compositions were 
determined. 
The purified zirconium nitrate in the solvent 
leaving the extractor was removed with a 6.0 N 
sulfuric acid solution, allowing the solvent 
to be recycled to the extraction unit. Stage 
requirements and flow ratios were determined. 
Sulfuric acid was a more effective and desirable 
stripping agent than water. 
A method for regeneration of degraded solvent was 
devised that produced solvent equal to unused solvent 
in extraction and phase settling properties. 
Regenerated solvent was used 31 times in 71 hours 
before regeneration became necessary. 
The nitric acid employed in the extraction was 
recovered with an overall yield of approximately 
9^ per cent by direct evaporation of the aqueous 
product and raffinate solutions. Zirconium and 
hafnium sulfates suitable for further processing 
were produced. 
Hafnium-free zirconium oxide was produced from 
zirconium sulfate for reduction to the metal by the 
Kroll process. The oxide would be chlorinated and 
reduced with magnesium. Chemical and manufacturing 
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costs for production of 1000 pounds of zirconium 
per day as the oxide were estimated to be $0.6^ and 
$1.8l per pound of zirconium. An estimated 
manufacturing cost of $2.17 pei' pound of zirconium 
as the oxide on a 500 pound per day basis compared 
with $3.15 for the currently used thiocyanate 
extraction process. 
8. Hafnium-free zirconium tetrafluoride was produced 
from zirconium sulfate for reduction to the metal 
with calcium. Chemical and manufacturing cost 
estimates were $0.90 and $2.02 per pound of zirco­
nium for a plant producing 1000 pounds per day. 
9. Although the investigation was directed toward 
production of hafnium-free zirconium, much of the 
information obtained were applicable to manufacture 
of zirconium compounds without hafnium removal. 
The methods for conversion of zircon sand to 
zirconium sulfate, nitrate, and fluoride were 
useful for the production of these compounds 
whether or not hafnium was separated. 
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RECOMMENDATIONS 
The investigation of the pilot plant extraction of 
hafnium from zirconium led to the following recommendations 
for further development: 
1. Several steps in the process should be studied in 
greater detail in order to obtain specific design 
information. Because of lack of suitable equipment, 
such steps as drying the zirconium hydroxide and 
countercurrent washing of the dried hydroxide were 
not investigated experimentally. Design data were 
not determined for selection of size and tjrpe of 
equipment and optimum operating conditions. 
Continuous evaporation of aqueous product and raf-
finate solutions should be carried out to verify 
the results obtained in batch studies. Requirements 
were set forth for design of a distillation column 
for nitric acid concentration, but calculations 
should be made with assistance of published data. 
2. The materials of construction for the process 
equipment selected should be tested under actual 
operating conditions. The choice of materials was 
based upon handbook corrosion data. Since published 
corrosion data are often unreliable when applied 
to specific problems, corrosion studies under actual 
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conditions would avoid difficulties should a plant 
be constructed. 
3. The method of solvent regeneration, while satisfac­
tory, could probably be improved with further 
investigation. A study of the kinetics and 
mechanism of the solvent degradation'should be 
helpful in devising a better regeneration method. 
As now proposed, freshly regenerated solvent would 
be introduced by displacement of the degraded 
material at the end of the stripping unit. Since 
some mixing of new and used solvent is inevitable, 
it would be advisable to determine if this 
replacement procedure produces any unpredictable 
effects upon fresh solvent quality. 
4. The washing of sulfuric acid from the crystals of 
zirconium tetrafluoride should be studied in an 
attempt to reduce ethanol and lime requirements. 
As done experimentally, the crystals were first 
filtered with a vacuum apparatus. The acid 
retained was washed from the crystals with ethanol, 
and the ethanol was recovered by neutralization of 
the sulfuric acid with lime. If the initial filtra­
tion and subsequent washing were carried out in a 
centrifuge it might be possible to reduce the 
100 
amount of ethanol used for washing- and the quantity 
of lime needed for ethanol recovery. 
5. The removal of the water of hydration from the 
zirconium tetrafluoride should be studied with 
regard to possible economies in time of reaction 
in combination with the aqueous fluorination. The 
present method of dehydration involves heating in 
a hydrofluoric acid atmosphere for 8 hours. It is 
possible that this time could be considerably 
reduced. Any studies in this respect should be 
made in conjunction with the reaction of aqueous 
hydrofluoric acid in order to find the most 
economic combination of the two portions of the 
overall reaction. 
6. The reduction to metal of zirconium tetrafluoride 
requires further study. The process is as yet in 
an early stage of development and currently offers 
no outstanding cost advantages over the present 
commercial method. However, possibilities for a 
considerable decrease in costs do exist. Particular 
attention should be devoted to lowering the cost 
of the materials needed for reduction. Probably 
the greatest single improvement would be substitu­
tion of magnesium for the more expensive calcium 
now used in the reduction. 
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Appendix A: Analytical Methods 
Oxide Concentration 
Oxide concentration in fusion mass. Approximately 2 
grams of the fusion mass were dried at 110°C for 12 hours 
and then weighed and dissolved in concentrated sulfuric 
acid. The sulfuric acid solution was fumed for 2 hours on 
a hot plate. The solution was permitted to cool and diluted 
to approximately "JOO cc. The solids were filtered and 
ammonium hydroxide was added to the filtrate to precipitate 
hafnium-zirconium hydroxide. The hafnium-zirconium hydroxide 
was filtered and dried. The hydroxide was ignited for 2 
hours at 800°0 and weighed. The result was the weight of 
the hafnium-zirconium oxide. 
Oxide concentration in aqueous solution. A volume of 
solution, containing approximately 500 milligrams of oxide, 
was diluted fivefold. If the sulfate ion were present, the 
solution was diluted tenfold. Ammonium hydroxide was added 
to precipitate the hafnium-zirconium hydroxide. The hafnium-
zirconium hydroxide was filtered and dried. The hydroxide 
was ignited at 800°C for 2 hours and weighed. The result 
was the weight of hafnium-zirconium oxide. 
Oxide concentration in organic solution. A volume of 
solvent, containing approximately 500 milligrams of oxide, 
was contacted four times with an equal volume of distilled 
water. Ammonium hydroxide was added to the water solution 
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to precipitate the hafnium-zirconium hydroxide. The hydroxide 
was filtered, dried, and ignited at 800°C. The weight of 
solids was the weight of the hafnium-zirconium oxide. 
The oxide analyses were reproducible to approximately 
± 2 per cent. 
Total Acidity 
One cubic centimeter of solution was diluted to 
approximately 50 cc. and titrated vjith standard sodium hydroxide 
(about 0.15 N) to a phenolphthalein end point. If the 
solution were organic solvent, ethyl alcohol was used as a 
diluting agent. The total acidity was equal to; 
(cc. NaOH) (N of NaOH) 
sample volume 
Nitric Acid Concentration 
The nitric acid concentration was computed from the 
total acidity, oxide concentration, and the ratio, Hf x 100/Zr. 
The hafnium-zirconium ratio was used to calculate the 
average molecular weight of the oxide. The nitric acid 
concentration was equal to; 
2(gm. oxide/liter) 
total acidity -
average M. W. of oxide 
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Hafnium-Zirconium Ratio 
The oxide was submitted to the spectrographic laboratory 
for the determination by emission spectrograph of the weight 
ratio, Hf x 100/Zr. The reproducibility of the spectrographic 
laboratory was ± 10 per cent. 
Sulfate Analysis 
A volume of solution was taken and diluted approximately 
tenfold. The zirconium and hafnium were precipitated as 
the mandelate by the addition of a 16 per cent solution of 
mandelic acid. The mixture was heated at 85°C for 2 hours. 
The solids were filtered and washed with a 2 per cent solu­
tion of mandelic acid. The filtrate was heated to approxi­
mately 90®C and a volume of 0.25 molar barium chloride was 
added until no further precipitation occurred. The solids 
were digested for 2 hours and filtered. The solids were 
then ignited in a weighed crucible at 800°0 for 1 hour. 
The weight of the solids was the weight of barium sulfate. 
A check analysis showed that the method was approximately 
20 per cent in error in sulfate concentration. 
Silicon Analysis 
Silicon analysis of fusion mass. Approximately 2 grams 
of fusion mass were dissolved in concentrated sulfuric acid 
and the solution fumed for 2 hours. The solution was then 
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cooled and diluted to approximately 700 cc. The solids were 
filtered and ignited at 800°C for 2 hours in a platinum 
crucible. The crucible was weighed and 48 per cent hydro­
fluoric acid was added to the solids. The excess hydro­
fluoric acid was evaporated and the crucible was ignited 
at 800°C for 2 hours and reweighed. The loss in weight 
of the crucible was silicon dioxide. 
Sodium Analysis of Fusion Mass 
Approximately 5 grams of the fusion mass were dissolved 
in concentrated sulfuric acid and the solution was evaporated 
to dryness. The solids were ignited for 2 hours at 800°C. 
The solids were then weighed and leached with a dilute 
solution of hydrochloric acid. The solids remaining ivere 
reignited for 1 hour at 800°C and reweighed. The loss in 
weight of the solids was sodium sulfate, Na2S0ij.. 
Minor Elements 
A quantity of the solution was evaporated to dryness 
and the solids were ignited at 800°C for 2 hours. The 
solids were then submitted to the spectrographic laboratory 
for an analysis of minor elements by emission spectrograph. 
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Appendix B; Calculation of Extractor Operating Conditions 
The calculation for extractor flow rates was carried 
out graphically using a modified McCabe-Thiele stepwise 
method. An equilibrium diagram was first constructed 
for the total of hafnium and zirconium oxides by plotting 
the concentration of oxides in the organic phase versus 
concentration of oxides in the aqueous phase. These 
concentrations were determined by analysis of phases in 
equilibrium in either a simulated column or a previous 
extraction test. Since zirconium and hafnium affect the 
distribution of one another, the curve plotted was not an 
actual equilibrium line, but a curve drawn through a number 
of points on a series of equilibrium lines, each at a 
constant ratio of hafnium to zirconium. Such a composite 
equilibrium diagram is shown in Figure 12. It may be noted 
that different curves were obtained for stages dDove and 
below the feed point. 
It was assumed that the total number of stages, the 
feed concentration, and the location of the feed point were 
known. In the calculation for this investigation 11 theoreti­
cal stages were chosen for a feed containing 123 grams of 
oxide per liter and introduced at the fifth stage from the 
scrub entry point. A vertical line was drawn at 123 grams 
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per liter representing the feed concentration as shown in 
Figure 12. 
The upper or scrub operating line must intersect the 
ordinate, and the lower or extraction section operating 
line must originate from the abscissa. By material balance 
these operating lines intersect at the feed concentration 
represented by the vertical line. An oxide concentration 
of 2.5 grams per liter was arbitrarily chosen to give the 
desired proportion of hafnium and zirconium in the raffinate, 
to be checked after making the stage calculation. Thus the 
extraction section operating line was fixed at the lower point, 
but the slope of the line depended upon the flow rates chosen. 
The scrub operating line must iitersect the extraction section 
operating line at the feed concentration, but the slope 
depended upon the flow rates chosen, varying in intercept 
on the ordinate. 
In order to complete the calculation, operating line 
slopes were assumed, and a graphical construction was made 
to determine if the number of calculated stages was equal 
to the number assumed. The operating lines were drawn with 
the assumed slopes and the stepwise graphical construction 
initiated at the ordinate on the scrub section operating 
line. The construction was continued until four stages had 
been drawn between the operating and equilibrium lines. A 
like procedure was followed for the extraction section, 
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starting at the abscissa and continuing for seven stages. 
If the horizontal line from stage four to stage five 
coincided for both sections of the extractor, the assumed 
slopes were correct. If these lines did not coincide, new 
slopes were assumed and the procedure repeated. The lines 
from stage four to stage five must coincide since at the 
entrances to stage five the organic phase concentration 
remained the same, but the aqueous phase concentration and 
volume changed because of the introduction of feed, causing 
a discontinuity in the operating lines based upon material 
balance. 
Once the slopes of the operating lines were adjusted 
so that there were four stages in the scrub section and 
seven stages in the extraction section, these slopes were 
measured and the flow ratios calculated. The slope of the 
scrub operating line was the scrub-solvent ratio, Qg/Qij, in 
this case O.235. The slope of the extraction section 
operating line was the aqueous (scrub plus feed)-solvent ratio, 
QA/'^T ^ Qp)/QT' case equal to 0.435. Solving 
for ratio was 0.200. Thus for a solvent rate of 
10 liters per hoxir, the scrub and feed rates were 2.35 and 
2.00 liters per hour, respectively. 
It should be noted that preceding calculation was for 
transfer of total oxide only and gave no indication of 
the separation of hafnium and zirconium. However, it was 
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found by experience that feed to the fifth stage would 
generally give hafnium-free zirconium. The proportion of 
hafnium in the raffinate was then calculated by the 
following equation, based upon a material balance assuming 
no hafnium in the extract and Hf x lOO/Zr = 2.3 in the feed 
1.97 (gm. oxide/l. feed) 
^ Hf02 in raff. = ^ Qs/®'p) oxide/l. raff.) 
In the particular example cited, the per cent hafnium oxide 
was predicted to be 44.5. The actual extraction test gave 
a raffinate of 40.6 per cent hafnium oxide with a maximum 
of 58.3 per cent at the twelfth of l4 actual stages. 
